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A methodology that may be applied to help in the choice of a continuous reactor is proposed. In this methodology, the
chemistry is first described through the use of eight simple criteria (rate, thermicity, deactivation, solubility, conversion,
selectivity, viscosity, and catalyst). Then, each reactor type is also analyzed from their capability to answer each of
these criteria. A final score is presented using “spider diagrams.” Lower surfaces indicate the best reactor choice. The
methodology is exemplified with a model substrate nitrobenzene and a target pharmaceutical intermediate, N-methyl-4-
nitrobenzenemethanesulphonamide, and for three different continuous reactors, i.e., stirred tank, fixed bed, and an
advanced microstructured reactor. Comparison with the traditional batch reactor is also provided.
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1. Introduction

Batch-to-continuous processes are a key issue for the very
competitive pharmaceuticals market. A study performed at
Lonza on up to 86 reactions concerning the fine chemicals
and pharmaceuticals industries has revealed that ca. 50 % may
benefit from using continuous processes, mainly based on
micro-reaction technologies [1]. Albeit it has some controver-
sial discussions like any breakthrough technologies [2], most
reviews emphasize the use of continuous production technolo-
gies, including microreactors, for flow productions [3]. Contin-
uous production technologies are very well used and developed
in other industrial sectors such as petrochemicals and commod-
ity chemicals with production volumes in the range 10,000 up
to 4,000,000 T/year, e.g., methanol. For the fine chemicals and
pharmaceuticals industries, continuous production is growing
with motivations such as reduction and/or easier handling of
hazardous reagents and compounds, smaller inventory of react-
ing mass under the reaction conditions, isolation of compounds
sensitive to air and/or moisture, and more generally economic
advantages over batch in terms of time, safety, and space [4].
The benefits of applying microreactors or other intensified or
“flow” technologies for synthetic transformations have been
reviewed extensively [5–9].
The selection of the best reactor for a given chemical trans-

formation or, to take into account the large diversity and the
required flexibility to fit the pharmaceuticals diversity, a set of
chemical transformations, is far from being simple [10]. The
decision making process should ideally be based on detailed
chemical kinetics that govern a desired reaction as well as
reaction engineering and the underlying mass and heat transport
processes. Such a process must be made through a close col-
laborative work between chemists and engineers. Alternatively,
decision making methods may be simpler by considering a
restricted field of applications and through an “ex ante” work
by reactor engineers to reduce the very high complexity of
catalytic reactors so to offer easy-to-use tools for synthetic
chemists. Several attempts have been proposed already but most
are dealing with simple reactions, i.e., those displaying only one
fluid (liquid) phase, either in homogeneous reactions or with a
solid catalyst, which strongly reduces the scope of the method
study [11]. Process design analyses for continuous-flow oper-
ation including 3-phase systems albeit not equipment centered
and with a much more general scope, including cost analysis
have recently been presented [12].

In this paper, an experimental comparison of several possible
hydrogenator technologies is made for both the model substrate
nitrobenzene (NB) and the more challenging N-methyl-4-
nitrobenzenemethanesulphonamide (also called nitrophenyl-
sulphonamide, NPS), a pharmaceutical platform intermediate.
The hydrogenation of nitrobenzene to aniline is a very demand-
ing model reaction. It is exothermic (ca. 500 kJ/mol), very fast,
works with Pd/C catalyst (the workhorse catalyst in fine chem-
istry) is well documented, and could be considered as a proto-
type reaction for any nitro-aromatics reduction, a key industrial
transformation. Albeit looking very simple, this reaction already
offers some selectivity challenges since side products may be
formed (nitrozo-, azo-, azoxy-derivatives). A further complex-
ity in selectivity issues can be brought in a second stage using
nitro-benzene derivatives such as chloro-, hydroxo-(paracetamol
synthesis). The hydrogenation of NPS is a real industrial target,
e.g., for the production of Sumatriptan, an anti-migraine drug
from GlaxoSmithKline (Scheme 1) [13]. The synthesis of other
anti-HIV drugs such as Amprenavir [14] and Fosamprenavir [15]
or other derivatives [16] also bearing a SO2 group in the para-
position may also benefit from the conclusions of this work.
The triphase gas–liquid–solid reactors targeted are a tradi-

tional laboratory stirred tank reactor, a fixed-bed reactor, and a
more advanced technology reactor, i.e., the falling-film micro-
structured reactor large from the Institut fur Mikrotechnik
Mainz (IMM) [17,18]. Then, an attempt to reduce the complex-
ity of continuous reactors and the multiple faceted targeted
chemistries in a methodology that may be applied to help in
the choice of a continuous hydrogenation reactors is proposed.
The scope of application of this methodology is gas–liquid–
solid hydrogenations with targeted productions in the range
1–10 T/year (i.e., batches from 50 to 200 kg) or continuous
productions of ca. 5–50 kg/day of active materials.

2. Experimental Section

2.1. Chemicals. N-methyl-4-nitrobenzenemethanesulfonamide
(NPS) can be purchased from Interchim. Hydrogen is from Air
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Liquide. Nitrobenzene was a Prolabo reactant. Absolute ethanol
from Carlo Erba (>99.8 %) and demineralized water were used
as the solvents.
2.2. Catalysts. The three types of reactors, stirred tank, fixed

bed, and falling-film microstructured reactor large (FFMR-L),
require slurry, granulated, and washcoated catalyst, respectively.
Thus, three catalysts were used. For slurry stirred tank experi-
ments, a 5 % Pd/C powder catalyst containing 59.8 % w/w water
(Johnson Matthey). To avoid the induction reaction period, the
catalyst was activated in situ during 1 h at ethanol flow rate
5 mL/min, hydrogen flow rate 30 NL/h, temperature and hydro-
gen pressure 85 °C and 0.63 MPa. For fixed-bed experiments, a
1 % Pd/C catalyst shaped as cylinders of 2 × 5-mm size with
eggshell type Pd impregnation was used (ref. 038290 Alfa-Aesar
a subsidiary of Johnson-Matthey). For advanced reactor experi-
ments (FFMR-L), a homemade 5.2 % wt. Pd/γ-Al2O3 wash-
coated on the microstructured with an average thickness of
20 μm was used.
2.3. Reactors. A stainless steel stirred batch reactor (Top

Industries) is used [19]. It is fitted with a manifold for hydrogen
supply at constant pressure. The hydrogen consumption was
evaluated with a precision of 2 % by the decrease of pressure
of the isothermal supply. The maximum capacity of the auto-
clave was 150 cm3, and its optimum liquid content was 60 cm3.
Baffles and magnetically coupled stirrer provided a good gas–
liquid mass transfer. The temperature was stabilized at ±1 K.
Hydrogen was fed to the reactor at constant pressure via a
pressure regulator. It was supplied from an upstream-calibrated
reservoir. Liquid samples were analysed by gas chromatogra-
phy (GC).
The continuous stirred tank reactor (CSTR) is derived from

the batch reactor. It is open to the liquid and hydrogen inlet and
closed to the solid. A liquid pump is feeding the reactant
solution from the feed tank into the reactor. The reactor temper-
ature is regulated by a thermostated circulating bath. The pres-
sure regulator supplies the desired pressure level in the reactor
from the hydrogen supply tank. The liquid level inside the
reactor is regulated by a valve downstream. Samples are taken
on the outlet liquid pipe.
The fixed-bed reactor (FBR) is a stainless steel cylindrical

jacketed reactor (25-cm long × 19 mm i.d.) operated with co-
current upstream of hydrogen and the liquid mixture at flow
rates of 8 NL/h and 1.76 L/h, respectively. It is packed with
24 g of the 1 % Pd/C catalyst and operated at 10 bar and °C.
The sections upstream and downstream the catalytic bed are
filled with glass beads (2 mm). Two thermocouples, located
above and below the bed, allow checking of the isothermal
behavior. Details and schemes may be found in previous work
[20]. The liquid feed is composed of a 9/1 EtOH–water mixture
and with the substrate NPS at a concentration of 0.021 kmol/m.
The falling-film microstructured reactor large (FFMR-L) as

well as the full set-up are described in details elsewhere [17,18].
The microstructured plate is composed of 100 channels of 600
× 200 μm and 240-mm long. The inner surface of the channels
was covered by 610 mg of alumina coating prepared from γ-
alumina slurry and calcinations. The catalyst layer thickness
ranges from 10 to 50 μm with average about 20 μm by Scanning
Electron Microscopy (SEM). The active metal (Pd) was depos-
ited on the alumina coating (32 mg, 5.2 % wt. Pd/γ-Al2O3) by
incipient wetness. Efficient cooling is provided by a rear plate.
2.4. Chemical Analysis. Both for NB and NPS hydrogena-

tions, samples were periodically collected and analyzed using a
gas chromatograph equipped with an HP-5 capillary column
(30 m length, 0.32 mm diameter). The analysis conditions were
as follows: injection temperature: 300 °C; detector temperature
(Flame Ionisation Detector): 250 °C; initial column temper-
ature: 55 °C, temperature increase: 15 °C/min. Only NPS,
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NB, aniline and N-methyl-4-aminobenzenemethanesulphonamide
(also called aminophenylsulphonamide APS) are detected by GC
analysis. The concentration of intermediate products is evaluated
from mass balance using 2-octanol as an internal standard.

3. Results

The hydrogenations of N-methyl-4-nitrobenzenemethanesul-
fonamide (NPS) and nitrobenzene (NB) have been performed
in four different reactors: a batch stirred tank reactor (batch),
a continuous stirred tank reactor (CSTR), a fixed-bed reactor
(FBR), and a falling-film microstructured reactor large (FFMR-L)
(Table 1). For comparison, some results obtained with the refer-
ence substrate α-methylstyrene (AMS) have been added.

The different catalysts can be compared in the batch reactor.
For NB, the 5 % Pd/C catalyst is ca. 20× more active than the
1 % Pd/Al2O3 (entries 1 and 2) and also more selective. This is
also true, albeit with a lower difference, for NPS (entries 3 to 5).
Thus, considering the activity, the following ranking is pro-
posed: 5 % Pd/C>1 % Pd/C eggshell>Pd/Al2O3. Consider-
ing the selectivity, the Pd/Al2O3 catalyst is somehow worse,
providing selectivities in the range 55 to 70 % into the primary
amine. Concerning catalyst deactivation, the results demonstrate
the deactivating impact of NPS compared to NB or AMS. Turn
Over Number (TON) are generally below those obtained for
NB for similar conversions (compare entries 9 and 7 or 2 and
3). Actually, very high turnover numbers up to 15,000 could be
obtained with NB still maintaining at least 95 % conversion. This
is clearly not the case for NPS for which conversion below 95 %
is obtained when trying to achieve higher TON (entries 6 and 7).
For reactor comparison, a useful textbook concept is the

hourly space velocity which allows to compare results obtained
in different reactors operating with very different catalyst con-
tents. It is somehow the reverse of a time, normalized by the
quantity of catalyst used. Here, the Liquid hourly space velocity
(LHSV cm3liquid/gPd/s) is normalized by the amount of Pd, the
time being expressed in seconds.

4. Discussion

4.1. Proposed Methodology. In order to make choice for a
continuous reactor, several key criteria, which concern both
chemistry and reactor technology, must be taken into account.
In the following, descriptors for the chemical reaction as well as
corresponding descriptors for the reactors are proposed and
discussed.
Hydrogenations in the pharmaceutical industry can be highly

demanding. Besides those criteria generally found in other
fields such as the rate of reaction, the reaction heat, and selec-
tivity issues, major concerns are the reagent solubility and the

catalyst deactivation. These two issues are frequently en-
countered in the field of pharmaceuticals which are large, mul-
tifunctional molecules. These two properties often render
pharmaceuticals loosely soluble in most common solvents and
may also lead to catalyst deactivation through side reactions
involving the many chemical functions present in the molecule
(acid or based catalyzed condensations…). In the present attempt,
8 criteria have been identified from the analysis of pharmaceu-
tical processes: reaction rate, reaction heat, catalyst deactivation,
reagents solubility, fluids viscosity, catalyst shape and, last but
not least, possible conversion and selectivity issues.
Each of these criteria can be evaluated by considering the

literature on gas–liquid–solid catalytic hydrogenations (Table 2)
[21–26].
The rate of reaction is the intrinsic rate of the catalytic re-

action (mole.s-1.g metal). The faster the reaction, the better the
reactor has to perform to ensure adequate mass transfer. Selected
examples from the literature can be used to estimate the bounda-
ries of the scale (Table 1). The following scale could be pro-
posed: score 1 stands for very slow reactions (r<0.001); score 2
(0.001<r<0.01), score 3 (0.01<r<0.1), score 4 (0.1<r<1),
and score 5 are for fastest reactions (r>1). Of course, for the
very same reaction, the rate may vary over a large range depend-
ing on the reaction conditions (temperature, pressure, and con-
centrations). The value of the rate must thus be taken for realistic
conditions. When the intrinsic rate is not known, a first approach
can be made by considering the fastest experimental data point
obtained in a laboratory equipment.
Heat issues can be dealt with using the maximum adiabatic

temperature raise ΔTad (K). For hydrogenations, the value is
generally in the range 15–200 K depending on the substrate
concentration and the exothermicity of the hydrogenation
(Table 2). It can be more than 1000 K for nitro hydrogenations
(Table 2). Again, scoring is proposed: score 1 (ΔTad<15),
score 2 (15<ΔTad<50), score 3 (50<ΔTad<100), score 4
(100<ΔTad<200), and score 5 (ΔTad>200).

Deactivation of the catalyst may prevent the use of some
reactor technologies. For example, a catalyst washcoated into
a reactor (monolith) is then not suitable at all since the catalyst
can hardly be changed. Other reactor technologies such as fixed
bed may be used albeit with catalyst change-over that would
stop the continuous operation. Quantification of deactivation
can be very complex, and models have been proposed, mainly
for oil refining and for petrochemical processes [27]. Albeit
different quantity may be used such as the deactivation con-
stant, the “time-on-stream” etc., here scoring is proposed on the
basis of the TON, which is the molar ratio between the quantity
of substrate converted/quantity of catalyst used (mole/mole).
TONX is the TON achieved still keeping the conversion (yield)
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Table 2. Selected literature data illustrating different situations for heterogeneous catalytic hydrogenations

Type Substrate Rate
(mol/[s⋅gmetal])

P (Bar) T (K) Substrate
(kmol⋅m−3)

Tad (K) Catalyst Ref.

C=C α-Methylstyrene 0.13 to 2.0 1–6 278–318 1 39 1 % Pd/Al2O3 powder (10 μm) [21]
ArNO2 Nitrobenzene 0.005 to 0.02 3 283–333 8 (pur) 1315 5 % Pd/C powder (20 μm) [22]
RHC=O 4-Cyano benzaldehyde 9.1 10−3 25 323 0.17 6 5 % Pd/C powder (20 μm) [23]
R2C=O Acetophenone 3 10−3 1 333 1.2 43 3 % Rh/C powder (17 μm) [24]
Aromatic ring p-chlorophenol 0.67 10−3 4 313 0.3 21 4.5 % Ru/C powder (1.2 μm) [25]
RC=N CMBP 1.2 10−6 34 298 0.01 0 Raney Ni powder [26]

CMBP=4-cyano-3-methoxyimino-1-(N-tertbutoxycarbonyl)pyrrolidine.

Table 3. Selected data on catalyst deactivation during heterogeneous hydrogenations

Type Substrate Catalyst TON Ref.

R–C=N Hexamethylenediamine Ni Raney® 84 [28]
Ar(NO2)2 m-Dinitrobenzene Ni/K2O–La2O3–SiO2 >940 [29]
ArNO2 Nitrobenzene 5 % Pd/C 11,500 [18b]
C–O hydrogenolysis glucose 1.6 % Ru/C 19,000 [30]

T. Van Le Doan et al.



above a threshold value X. Examples are provided in Table 3. In
this work, TON95 is chosen. Score 1 (TON95>100,000), score
2 (100,000>TON95>10,000), score 3 (10,000>TON95>
1000), score 4 (1000>TON95>100), and score 5 (TON95<
100 fast deactivation).
The solubility of the substrate, reagents, and products is also

of tremendous importance for continuous processes. In the
pharmaceutical industry, most of the active components in drugs
are very loosely soluble to target specific zones in the body. Of
course, only the solubility of the species that will cause problems
should be quoted, i.e., the less soluble compound. The saturation
concentration Csat (mole/L) of the less soluble compound in the
solvent used for the process is used here: score 1 if the reagents
are liquids, score 2 (0.5<Csat<2), score 3 (0.1<Csat<0.5),
score 4 (0.05<Csat<0.1), and score 5 (Csat<0.05).
A high viscosity may prevent the use of some reactor technol-

ogies since the pressure drop will become too high (definition: μ
[Pa⋅s] is the dynamic viscosity). For most of liquids used in
organic synthesis, the viscosity ranges within the limits: 2
10−4<μ<2 10−3 Pa⋅s. However, other liquids may display very
high viscosities that may drive to serious issues. Glycerol has a
high viscosity of about 0.3 Pa⋅s: score 1 (μ<0.002), i.e., no
issues; score 2 (0.002<μ<0.02); score 3 (0.02<μ<0.2); score
4 (0.2<μ<1); and score 5 (μ>1).

The catalyst may be a powder, granulated, extrudate, or
washcoated on the reactor walls (monolith, microreactors…).
It is clear that a catalyst that can only be used or/and shaped as a
powder (e.g., Raney Ni in general) will restrict the range of
continuous reactors. A powder catalyst cannot be used in a
fixed bed reactor unless very large pressure drop (100 bar) is
acceptable. Indicate here if the catalyst shape can be adapted to
any reactor type or to a very specific one. For example, a fine
powdered catalyst may only be used in stirred tanks, bubble
columns, and other slurry reactors [10]. Granulated catalysts are
generally used in fixed beds. Note that a granulated catalyst
may generally be grounded to get a powder: score 1 when the
catalyst can be easily shaped (e.g., Pd/Al2O3 can be found
commercially as powder, pellets, beads, and alumina washcoat
are accessible [31]), score 2 when a restricted number of cata-
lyst shapes can be found commercially (e.g., only powder and
granules), score 3 when the choice is even more restricted, score
4 when the catalyst must be used as it is, and score 5 when no
flexibility is given (washcoated).
In general, high conversions are sought. However, some

continuous reactors (e.g., continuous stirred tank reactor CSTR)
are not so good to achieve very high conversion. The idea here
is to put a high score if very high conversion is mandatory and
to score lower when lower conversions are acceptable: score 5
(X>98 % mandatory), score 4 (X>95 % required), score 3
(X>90 %), score 2 (X>80 %), and score 1 (X<80 % may be
considered). The very important issues of separation that may
arise from low conversions are not considered in this work.
Hydrogenations may present some selectivity issues. Gener-

ally, when an intermediate is the desired product, the contact
time must be accurately controlled. That can be better achieved
with plug flow like reactor technologies rather than CSTR.
Alternatively, when the targeted product is the end product,

the accuracy of the contact time is not so important as long as
no side reactions occur. The molar yield Y of a key species is
targeted here: score 5 when Y>98 % required, score 4 when
Y>95 % required, score 3 when Y>90 % required, score 2
when Y>80 % required, and score 1 when Y<80 % may be
considered.
The reactor must also be described and scored.
There is a large diversity of multiphase catalytic reactors for

pharmaceuticals and fine chemicals [10]. Recent books and
reviews emphasize the use of structured reactors such as mono-
lith, microreactors or “intensified reactors,” baffle reactors
etc. for the pharmaceutical industry [32]. The challenge here
is to reduce the complexity of catalytic reactor engineering to a
restricted number of simple criteria that a synthesis chemist can
actually use. Here, the analysis is restricted to a small number
of catalytic reactors known for three phase catalysis, i.e., batch
stirred tanks, continuous stirred tanks, fixed beds, bubble-
columns, and jet-loop reactors [10]. Monolith reactors and other
“advanced” reactors may also be included, but their full char-
acterization for residence time distribution, mass and heat trans-
fer, hold-up, pressure drop etc. is often not yet fully available,
making the scoring even more risky. Thus, for the “proof of
concept,” this work encompasses only four reactors: the batch
reactor, the CSTR, the fixed bed, and one “advanced' structured
reactor, i.e., the falling-film microstructured reactor large
(FFMR-L). For each of the 4 reactors, scores are given to
quantify the reactor performance that can be related to the
chemistry. For hydrogenations, 6 main reactor descriptors are
proposed: gas/liquid (G/L) mass transfer, heat exchange, pres-
sure drop, catalysts change over, mixing, type of contactor, and
residence time distribution (RTD).
Mass transfer from the gas phase through the liquid layer to the

reaction site, i.e., the catalyst, is often a limiting step for catalytic
hydrogenations. G/L mass transfer is well described using the
overall volumetric mass transfer coefficient Kla (s−1) [33]. This
coefficient represents both the gas–liquid (Kla ) and liquid–solid
(ksas) external mass transfer process [10b]. Many correlations for
the main reactor types are available, generally using Sh, Re, and
Sc non-dimensional numbers [10b, 34, 35]. Those coefficients
depend on the type of reactor, on the physical properties of the
gas and the liquid, and on the agitation device and fluids flow
rates. Typical Kla values can be found in the literature, and the
reactor performance against Kla can be scored [36]. For example,
quite large stirred-tank reactors may provide high enough G/L
mass transfer efficiency to cope with fast hydrogenations
(Table 4). Thus, the score may be 1 or 2 which indicates that no
serious issues are foreseen. The liquid–solid mass transfer resist-
ance is also largely commented in the same literature.
Similar analyses of the literature for other reactor descriptors

allow to estimate the values for other criteria such as heat
transfer, residence time distribution etc. (Table 5).
The score for the catalytic process is obtained by multiplica-

tion of the values scored for the chemical descriptors by those
for the reactors as indicated in Table 5. For example, a very fast
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Table 4. Selected values of external gas-liquid mass transfer coefficient

Reactor type Volume (L) Kla (s
−1) Ref.

FFMR 0.00012 3 to 8 [37]
FFMR-L 0.003 2 to 6 [18]
Tank reactors 0.1 to 0.3 0.5 to 2 [19]
(Batch and CSTR) 0.5 0.3 [38]

12 0.4 [39]
125 0.4 [40]

Fixed bed 2 × 25 cm 0.1 to 0.4 [20,41]

Table 5. Coefficient for description of reactors used in this work

Chemistry
descriptors

Physical phenomenon
and/or process issues

Batch CSTR Fixed bed FFMR

Rate G/L mass transfer 2 3 3 1
Thermicity Heat exchange 3 3 4 1
Deactivation Catalyst change over 1 2 4 5
Solubility Clogging 1 2 5 5
Viscosity Pressure drop 1 1 3 3
Conversion RTDa 1 4 1 1
Selectivity RTDa 1 3 1 1
Catalyst shape vs. type of contactor b b b b

aRTD: residence time distribution. b See discussion below.

Best Technologies for Hydrogenation Reactors



hydrogenation that would score 5 for the rate will have a final
score of 5 × 2=10 in a batch reactor.
Some descriptors cannot be quantified by such a simple tool.

The last descriptor in Table 5 deals with the shape of the catalyst
and addresses the capability for the reactor to cope efficiently
with the proposed catalyst. 3-phase catalytic reactors have
indeed been designed according to the shape of the catalysts
they will handle. For example, a powder catalyst can be used
only the tank reactors (batch or CSTR) but cannot be handled
by fixed bed and FFMR. Conversely, granulated catalysts as small
beads (1 mm) can only be operated in the fixed bed. Finally, the
FFMR can operate only with a washcoated catalyst. Thus, each of
the four reactor proposed in this work can operate with only one
type of catalyst shape, powder, beads, and washcoat, respectively.
This very strong requirement results in scoring 5 for each of the
reactor. Note here that a tank reactor, either a batch or a CSTR,
equipped with a basket can actually handle beads. Thus, scoring 2
or 3 for both batch and CSTR could also be an option. Thus, this
last criterion is different. It is proposed for such descriptors to
score the minimum value of 1 when the catalyst fits the reactor
and the maximum value of 25 when it does not.
4.2. Application. Application of this tool to the two sub-

strates NPS and nitrobenzene (NB) is proposed. The following
results presented as spider diagrams are obtained from the
chemistry data available in the literature (Table 1 and Table 2).

The details for estimation of the numerical values are available
from supplementary material.
For NPS (gray area), the batch reactor clearly performs better

than any of the other tools. The graphic is also informative in
pointing the main issues related to that specific substrate, i.e.,
deactivation and solubility. It emphasizes the need to look for
alternative solvent that would offer a higher solubility and that
would drive to lower deactivation. In the case where such new
conditions are discovered, the possibility of using advanced
reactors would have to be re-investigated. For NB (black line),
the picture is quite different since this substrate displays a very
high solubility (it is itself a liquid) and deactivation during
hydrogenation with Pd based catalysts is almost negligible.
NB hydrogenation is best performed in a small batch tank
reactor (Figure 1a) or in the falling-film microreactor
(Figure 1d). Nitrobenzene hydrogenation has indeed been per-
formed with microstructured reactor before this work but at
very low scale [37]. The use of a batch tank reactor for a very
exothermic reaction at large scale would be however disfavored
for heat removal limitations. For NB and other reagents behav-
ing similarly, i.e., presenting similar scores in their chemistry,
there is a real hope that the hydrogenation may be performed at
the industrial scale in advanced (structured) reactors.
In order to bring the proposed methodology to a level it can

be actually used, several issues have to be solved. The
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Figure 1. Nitrophenyl-substituted (NPS) and nitrobenzene (NB) hydrogenation in the different catalytic reactors: (a) batch stirred tank, (b)
continuous stirred tank, (c) fixed bed, (d) falling-film microreactor (FFMR)
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coefficients attributed to reactors are over-simplified. For exam-
ple, it is well known that such coefficients depend very much on
many operating parameters such as the fluid flow rate and the
size of the solid particles and of the vessel itself. Thus, besides
the description of the chemistry and the equipment, a third set
of criteria concerning the process must also be fed to the
methodology.

5. Conclusion

The proposed methodology is far from being mature enough
for use in real case applications. The case for NB illustrates the
difficulties to actually take into account all the complexity of
catalytic reactors into a restricted number of parameters. Albeit
further work is clearly required to building a robust and practical
tool, it will also simplify the choice of reactor technologies.
Testing this methodology with other intensified technologies such
as, e.g., Corning Advanced Reactor Technology for hydrogena-
tions [42] or the H-cube from ThalesNano are in progress [43].
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