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In the present study, ethylbenzene dehydrogenation to styrene monomer over a potassium-promoted iron oxide cat-
alyst in radial fixed bed reactor was simulated. The pseudo-heterogeneous model was employed to predict ethylben-
zene conversion and selectivity of styrene monomer, toluene, and benzene. The simulation results showed that
deactivation of catalysts causes reduction in the reaction zone; therefore, the ethylbenzene conversion decreases. It
is proposed that, for compensating the conversion reduction, the feed temperature is increased 1 °C per 5 cm of
deactivated length. Simulation results are in good agreement with the experimental data obtained from real plant.
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1. Introduction

Styrene monomer is a precious material and extensively
used in the petrochemical industry in order to produce poly-
styrene, styrene–butadiene rubber, acrylonitrile butadiene sty-
rene, and styrene–acrylonitrile copolymers [1]. Several
processes are proposed for styrene production. One of those
processes is dehydrogenation of ethylbenzene (EB). The in-
dustrial production of styrene by the dehydrogenation of ethyl-
benzene with steam using potassium-promoted iron oxide
catalysts was performed in 1930 [2].

The production of styrene by the dehydrogenation of ethyl-
benzene is a highly endothermic reaction. The required heat of
reaction can be provided by superheated steam. The injected
steam prevents coke formation on the active surface of cata-
lyst and increases the conversion of dehydrogenation of ethyl-
benzene [3]. The process can be performed in presence of
other suitable gases including CO2 and O2 [4–8].

Although the dehydrogenation of ethylbenzene basically
performed over potassium promoted iron oxide catalysts, now-
adays, other modified catalysts improved the conversion of
process and selectivity of styrene monomer. Bautista et al. in-
vestigated the dehydrogenation of ethylbenzene to styrene
monomer by using a mixture of metal phosphates. Their ex-
perimental results indicated that the oxidative gas-phase dehy-
drogenation of ethylbenzene to styrene could be related to the
total number of acid and basic sites of catalysts, so the

reaction probably needs suitable acid–basic pairs for prevent-
ing coke formation. They showed that the best conversion for
ethylbenzene and selectivity of styrene were obtained by the
AlPO4 [9]. Liao et al. investigated the effect of TiO2 addition
on the structure and catalytic behavior of potassium promoted
iron catalyst for dehydrogenation of ethylbenzene to styrene
monomer. Their results indicated that the addition of TiO2 in-
creased the number of active sites of catalyst rather than
KFeO2 [10]. Araujo et al. studied the dehydrogenation of eth-
ylbenzene in the presence of CO2 by ceramic composites con-
taining Fe. They illustrated that, according to high stability of
Fe3+ in a ceramic matrix, the ceramic-based catalysts appeared
to be suitable candidates for the styrene production from ethyl-
benzene under CO2 compared to the conventional potassium-
promoted iron oxide-based catalysts [11]. Castro et al. exam-
ined different promoters (Ti, Zr, and Al) on porous iron-based
catalysts for styrene production in oxidative dehydrogenation of
ethylbenzene with CO2. Their results show that, during styrene
production, reactivity of iron based catalysts depends on the tex-
ture and structure of the catalyst matrix as well as the promoter
nature [12]. Burri et al. investigated styrene monomer production
by oxidative dehydrogenation of ethylbenzene by alkali metal-,
Na-, or K-promoted TiO2–ZrO2. They observed that EB con-
version over binary metal doped TiO2–ZrO2 (TZ) is higher
than the conversion of single doped TZ due to high surface
area [13].
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Figure 1. Schematic of styrene production plant
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As it is mentioned, the styrene production process by the
dehydrogenation of ethylbenzene is modified by variation of
catalyst or injection of different fluids; however, for all cata-
lyst types, the deactivation process associates with the reac-
tion. Thus, the ethylbenzene conversion gradually reduces,
and it is required to improve the operating condition of plant
in order to increase the reactor conversion. According to
Mcketa [14] and Sun et al. [15], conversion of ethylbenzene
and styrene selectivity depends on operating conditions such
as temperature, pressure, steam–hydrocarbon ratio, and cata-
lyst type. In the present study, the styrene production by the
dehydrogenation of ethylbenzene with steam over potassium-
promoted iron oxide is improved by considering heteroge-
neous model in two-staged radial flow reactor.

2. Process Description

2.1. Styrene Monomer Production Process. Figure 1
shows the schematic of reaction and fractionation units for
styrene production. The plant consists of two sections,
reaction unit and fractionation unit. Since the styrene
production is an endothermic reaction, the required energy of
reaction is supplied from latent energy of injected superheated
steam. Thus, the reaction taking place causes decrease in the
temperature of bed, and subsequently, the conversion of
ethylbenzene is decreased. In order to reduce the impact of
temperature on reactor conversion, the reaction unit is divided
to two reactors. Obviously, increasing the number of reactors
increases the conversion of dehydrogenation reaction and,
consequently, increases the cost of process. The third reactor
is used as a bypass reactor.

During the process, vaporized ethylbenzene and super-
heated steam are fed to the first reactor. The outlet flow of
first reactor is reheated and then injected to the second reactor
with about 7 vol.% of total injected superheated steam.

Potassium-promoted chrome-free iron (SM5) catalyst is
used for dehydrogenation of ethylbenzene.

2.2. Geometry and Operating Conditions of Reactors.
Since, during the reversible reaction of styrene monomer
production by dehydrogenation of ethylbenzene, the pressure
increases, the radial flow reactors are suggested for the
process in order to control the pressure of plant and increase
the conversion of ethylbenzene. In the radial flow reactors
designed for reactions with increased mole numbers, the feed
is entered to the central channel and is uniformly distributed
in the packed bed catalytic reactor in radial direction between
inner and outer walls. During the process, the catalytic bed is
gradually deactivated, so the reaction zone decreased and
affected the efficiency of reactors.

3. Model Development

The styrene production by dehydrogenation of ethylbenzene
takes place in radial fixed bed reactor at 885–920 K over the
potassium-promoted iron catalyst. The operating condition and
geometrical parameters of reactors are presented in Table 1.

3.1. Kinetic Model of Reactions. The main product of
dehydrogenation of ethylbenzene is styrene monomer; however,
some materials are produced as by-products. Basically, ten
reactions take place during styrene production. In some
researches, six initial reactions are considered for dehydrogenation
process [16]; however, the side reactions except for the main
byproducts, benzene and toluene, are neglected by Hirano [17].

In the present study, simulation of styrene production is per-
formed by considering only two main side reactions of ben-
zene and toluene. According to the dehydrogenation of
ethylbenzene catalytic reaction mechanism, the ethylbenzene

is adsorbed in active sites of the catalyst; thus, the dehydro-
genation is performed and the produced styrene leaves the cata-
lyst surface. The dehydrogenation reactions are as follows:

C8H10 ⇌ C8H8 þ H2 ð1Þ
C8H8 ⇌ C6H6 þ C2H4 ð2Þ

C8H8 þ H2 ⇌ C7H8 þ CH4 ð3Þ

where C8H10 = EB is ethylbenzene, C8H8 = SM is styrene
monomer, C6H6 = BZ is benzene, C7H8 = TOL is toluene, C2H4

is ethylene, and CH4 is methane.
The heat of reaction is provided by steam injection. The

injected steam also performs three side reactions in order to
convert the light hydrocarbons to CO2 (water gas shift reaction)
and prevent the coke formation as follows:

H2Oþ 1

2
C2H4 → COþ 2H2 ð4Þ

H2Oþ CH4 → COþ 3H2 ð5Þ

H2Oþ CO → CO2 þ H2 ð6Þ

Thus, there are generally considered six reactions for simula-
tion of styrene production process.

3.2. Governing Equations. Styrene monomer production by
dehydrogenation of ethylbenzene is simulated in two-staged
radial fixed bed reactors. It is assumed that the reactions have
taken place in isothermal conditions. It is also assumed that the
catalysts and the fluid are in local thermal equilibrium. The
pseudo-homogeneous model was used to simulate the radial
fixed bed reactor in steady state condition. The governing
equations are obtained by considering plug flow without axial
dispersion.

3.3. The Mass Balance and Pressure Drop. The mass
balance for dehydrogenation process is as follows:

Table 1. Operating condition and geometrical parameters of reactors

Parameter Value Unit

Catalyst bulk density 1400 kg/m3

Catalyst diameter 1.5 mm
Catalyst height 6 mm
Catalytic bed porosity 0.35 –
Average height of the bed 9.30 m

Reactor 1
Inner diameter of the bed 0.9 m
Outer diameter of the bed 1.45 m
Height of the bed 9.30 m
Steam flow rate 313.7 kg-mol/h
Molar flow of feed 2741.2 kg-mol/h
Molar flow of ethylbenzene in feed 306.7 kg-mol/h
Molar flow of styrene in the feed 0.0 kg-mol/h
Molar flow of benzene in the feed 0.0 kg-mol/h
Molar flow of toluene in the feed 0.0 kg-mol/h
Inlet pressure 550 mmHg
Inlet temperature 615 C

Reactor 2
Inner diameter of the bed 0.9 m
Outer diameter of the bed 1.45 m
Height of the bed 9.30 m
Secondary steam flow rate 25.0 kg-mol/h
Molar flow of feed 2859.8 kg-mol/h
Molar flow of ethylbenzene in feed 193.9 kg-mol/h
Molar flow of styrene in the feed 112.0 kg-mol/h
Molar flow of benzene in the feed 0.069 kg-mol/h
Molar flow of toluene in the feed 0.054 kg-mol/h
Inlet pressure 427.6 mmHg
Inlet temperature 620 C
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dFi

dr
¼ ∑

j¼6

j¼1
αijrjρcAr; i ¼ 1:10 ð7Þ

where Fi is the molar flow of component i, αij is the
stoichiometric coefficient of component i in reaction j, Ar is
the surface area of reactor in each radius, and ρc is the bulk
density of catalyst.

Ergun equation is used for estimating the pressure drop in
radial direction of catalytic bed as follows [18]:

@P

∂r
¼ G′2

ρ
1

dp

1 − ε
ε3

� �
1:75þ 150 1 − εð Þ

Re

� �
ð8Þ

3.4. The Energy Balance. According to one direction steady
state flow, the energy balance for adiabatic dehydrogenation
reaction is given by Fogler [19] as follows:

dT

dr
¼

∑
6

j¼1
−ΔHj

� �
ρcAc

∑
10

i¼1
FiCpi

ð9Þ

where temperature dependent heat capacity is given as fol-
lows:

Cpi ¼ αi þ βiT þ γiT
2 ð10Þ

where �, �, and �, the temperature coefficients, are given
in Table 2.

3.5. Reaction Model. Although the mass transfer is effective
in catalytic reactors, considering diffusion and convective mass
transfer in the mass balance equations causes to raise the
complexity of the equations. Thus, the mass transfer modeling is
performed based on reaction rate. Reaction rates for ethylbenzene
dehydrogenation process were presented by Wenner and Dybdal
[21] as follows:

r1 ¼ k1 PEB −
PSMPH2

KEB

� �
ð11Þ

r2 ¼ k2PEB ð12Þ

r3 ¼ k3PH2OP
0:5
C2H4

ð13Þ

r4 ¼ k4PH2P
0:5
C2H4

ð14Þ
r5 ¼ k5PH2OPCH4 ð15Þ

r6 ¼ k6
Pt

T3

� �
PH2OPCO ð16Þ

where ri is the rate of reaction i (kmol/kg h), ki is the rate
constant of reaction i, Pj is the partial pressure of component
j (bar), Pt is the total pressure (bar), T is the temperature (K), and
Kj, the constant of reaction is considered as follows:

kj ¼ k0 e
−E
RTð Þ ð17Þ

During the process, EB is adsorbed on catalyst surface and
dehydrogenation reaction takes place on the active surface of

Table 2. Heat capacity parameter for each piece in gas mixture Perry and
Green [20]

Species α (j/mol/K) β γ

EB −20.527 5.96E − 01 −3.08E − 04
SM 71.201 5.48E − 02 6.48E − 04
H2 25.399 2.02E − 02 −3.85E − 05
BZ −31.368 4.75E − 01 −3.11E − 04
TOL −24.097 5.22E − 01 −2.98E − 04
E2H4 32.083 −1.48E − 02 2.48E − 04
Water 33.933 −8.42E − 03 2.99E − 05
CH4 34.942 −4.00E − 02 1.92E − 04
CO 29.556 −6.58E − 03 2.01E − 05
CO2 27.437 4.23E − 02 −1.96E − 05

Table 3. Kinetics parameters of dehydrogenation of ethylbenzene to
styrene monomer, Devoldere and Froment [23]

Reaction A E (j/mol/K)

EB ↔ SM + H2 0.02 8.07E + 04
EB → BZ + ethylene 19.4 2.50E + 05
EB → TOL + methane 0.3 8.73E + 04
H2O + 0.5ETH → CO + 2H2 0.12 1.03E + 05
H2O + MTH → CO + 3H2 −3.21 6.57E + 04
H2O + CO → CO2 + H2 21.24 7.36E + 04

Table 4. Comparison of the experimental data with simulation results of
the styrene monomer production for fresh catalyst

Results EB (wt.%) SM (wt.%) BZ (wt.%) TOL (wt.%)

Reactor 1
Plant data 65.22 34.12 0.15 0.50
Simulation results 62.53 36.70 0.17 0.52

Reactor 2
Plant data 38.96 59.62 0.53 0.82
Simulation results 37.29 61.31 0.52 0.88

Figure 2. Temperature profile in radial direction of (a) first reactor and
(b) second reactor
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catalyst. The produced hydrogen, SM, and other byproducts
are desorped from the catalyst surface into the fluid bulk in
the reactor. The reactions are classified in the category of rate-
determining steps as dual sites reactions [22]. Kinetics param-
eters for styrene production are presented in Table 3.

3.6. Solution Method. In order to evaluate the conversion
of EB and selectivity of SM in the reactors, the concentration
of each component and temperature profiles in radial direction
of reactors should be investigated. For this purpose, the
equation of mass, pressure drop, energy, and reaction rates is

Figure 3. Ethylbenzene and styrene monomer flow rate in radial direction
of first reactor

Figure 4. (a) Temperature profile in radial direction of second reactor;
(b) ethylbenzene conversion in radial direction of second reactor

Figure 5. Ethylbenzene and styrene monomer flow rate in radial
direction of second reactor

Figure 6. Temperature profile in radial direction of reactor one in
partially deactivated bed (a) in constant inlet temperature and (b) in
increasing inlet temperature along with catalyst deactivation
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solved simultaneously. The numerical solution of equations is
performed using sixth order Runge–Kutta formula. All
physical properties for each component such as Cp, viscosity,
and density are obtained at the given pressure and temperature
of gas mixture in the radial direction of reactors.

4. Results and Discussion

In order to verify the validity of results, the real plant exper-
imental data of EB, SM, BZ, and TOL weigh fraction of each
reactor are compared with the simulation results for
completely activated catalyst. Table 4 shows the comparison
of results for each reactor. It is seen that the simulation results
are in good agreement with plant data. The difference in SM
weight fraction of the real object and the simulation results in
the first and second reactors are 7.5% and 2.8%, respectively.
In addition, the difference in EB conversion of first and sec-
ond reactor is −4.1% and −4.3%, respectively. It is also ob-
served that errors in the TOL and BZ are in acceptable range.
Therefore, the simulation is extended to predict the SM pro-
duction by partially deactivated catalysts.

Figure 2a and Figure 2b show temperature profiles and EB
conversion rate in the radial direction of first reactor with
completely activated catalysts. Since the dehydrogenation of
EB is an endothermic reaction, the reactor temperature

decreases along with the reaction. At the beginning of the re-
actor, the EB dehydrogenation rate is high; thus, the tempera-
ture reduces sharply. By reducing the temperature, the EB
conversion slope reduces. The flow rate of EB and SM in ra-
dial direction of the first reactor is shown in Figure 3. It is
shown that SM production and EB conversion reduce in radial
direction of reactor 1.

As it is seen, at the beginning of the first reactor, the slope
of temperature profile, SM production, and EB is sharp; how-
ever, the temperature decreasing in radial direction causes to
reduce the conversion of EB and production of SM. In order
to prevent the reduction in reaction rate, reactants and prod-
ucts leave the reactor, pass through a heat exchanger, and mix
with some superheated steam. Then, the mixture of tempera-
ture 620 °C enters to the second reactor.

Figure 4a and Figure 4b show the temperature profile and
EB conversion rate in the second reactor in radial direction.
As it is seen, the variation of temperature and EB in the sec-
ond reactor is similar to these profiles in the first reactor. At
the beginning of the second reactor, temperature sharply re-
duces in the radial direction, as well as the conversion rate of
EB and SM production rate (Figure 4b and Figure 5).

4.1. The Catalyst Deactivation Effects on Process.
During the EB dehydrogenation process, the catalytic bed is
gradually deactivated due to potassium migration; thus, the
reaction does not take place in the deactivated part of the bed.
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Figure 7. Ethylbenzene and styrene monomer flow rate in radial direction
of first reactor (a) in constant inlet temperature and (b) in increasing
inlet temperature along with catalyst deactivation

Figure 8. Temperature profile in radial direction of reactor 1 in par-
tially deactivated bed of second reactor (a) in constant inlet temperature
and (b) in increasing inlet temperature along with catalyst deactivation
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The deactivation phenomena cause a decrease in EB
conversion and affect the styrene selectivity. Since the styrene
is a valuable material, it is desired to prevent decreasing the
SM production. According to the effects of operating
condition on conversion of reactors, it would be improving
the styrene production by variation of pressure or temperature
along with the bed deactivation. For this purpose, variation of
the input temperature and pressure was taken into account.
However, the production of coke on the activated surface of
catalyst is highly sensitive to the changes in operating
pressure; thus, studying the efficiency of SM production was
assessed only by inlet temperature variations. Since the
dehydrogenation of EB is an endothermic reaction, increasing
the inlet temperature of reactors is investigated.

Figure 6 illustrates the temperature profiles in partially
deactivated bed of first reactor. In Figure 6a, the feed enters to
the first reactor in constant temperature while, in Figure 6b,
the feed temperature is increased by 1 °C per each 0.05 m of
deactivated catalysts. Comparison of Figure 6a with Figure 6b
depicts that, despite the increasing of feed temperature along
with catalyst deactivation, the outlet temperature of first reac-
tor is lower than the outlet temperature in constant feed condi-
tion. In other words, increasing the feed temperature increases
the conversion of EB dehydrogenation.

Figure 7a and Figure 7b show the flow rates of EB and SM
in radial direction of first reactor for partially deactivated bed.

In Figure 7a, the feed temperature is constant for all times,
while in Figure 7b, the temperature of feed is raised by 1 °C
per each 0.05 m of catalysts deactivated length. It is seen that
increasing the feed temperature improves EB dehydrogenation
while decreases SM production. A similar trend is seen for
second reactor (Figure 8a, Figure 8b, Figure 9a, and Figure 9b).

Figure 9. Ethylbenzene and styrene monomer flow rate in radial direction
of second reactor (a) in constant inlet temperature and (b) in increasing
inlet temperature along with catalyst deactivation

Table 5. Effects of feed temperature on ethylbenzene conversion and SM,
BZ, and TOL selectivity in first reactor

Deactivated
length (m)

Inlet
temperature

(K)

SM
selectivity

(%)

BZ
selectivity

(%)

TOL
selectivity

(%)

EB
conversion

(%)

0.00 888 98.15 0.64 1.21 36.24
889 98.12 0.65 1.24 37.03
890 98.10 0.67 1.25 37.26
891 98.08 0.68 1.26 37.48
892 98.05 0.70 1.27 37.71

0.05 888 98.13 0.65 1.21 35.99
889 98.11 0.66 1.22 36.21
890 98.08 0.67 1.23 36.43
891 98.06 0.69 1.24 36.66
892 98.04 0.71 1.25 36.88

0.10 888 98.15 0.66 1.19 34.99
889 98.13 0.68 1.19 35.21
890 98.10 0.69 1.20 35.43
891 98.08 0.71 1.21 35.66
892 98.06 0.72 1.22 35.88

0.15 888 98.17 0.68 1.15 33.78
889 98.15 0.70 1.16 34.00
890 98.13 0.71 1.16 34.22
891 98.10 0.73 1.17 34.44
892 98.08 0.74 1.18 34.66

0.20 888 98.20 0.70 1.10 32.31
889 98.18 0.72 1.10 32.53
890 98.15 0.73 1.12 32.74
891 98.13 0.75 1.12 32.96
892 98.10 0.77 1.13 33.18

SSM ¼ FCSM
FCSM þ FCBZ þ FCTOL

, STOL ¼ FCTOL
FCSM þ FCBZ þ FCTOL

, SBZ ¼ FCBZ
FCSM þ FCBZ þ FCTOL

,

XEB ¼ FEBinlet
− FEBoutlet

FEBinlet
� 100

Table 6. Effects of feed temperature on ethylbenzene conversion and SM,
BZ, and TOL selectivity in second reactor

Deactivated
length (m)

Inlet
temperature

(K)

SM
selectivity

(%)

BZ
selectivity

(%)

TOL
selectivity

(%)

EB
conversion

(%)

0.00 893 97.78 0.87 1.35 61.54
894 97.76 0.88 1.35 62.05
895 97.75 0.90 1.35 62.25
896 97.74 0.91 1.35 62.44
897 97.73 0.92 1.35 62.63

0.05 893 97.77 0.88 1.35 61.31
894 97.76 0.89 1.35 61.50
895 97.75 0.90 1.35 61.69
896 97.74 0.91 1.35 61.89
897 97.73 0.92 1.35 62.08

0.10 893 97.77 0.88 1.35 60.66
894 97.76 0.89 1.35 60.85
895 97.75 0.90 1.35 61.04
896 97.74 0.91 1.35 61.23
897 97.73 0.92 1.35 61.42

0.15 893 97.78 0.88 1.34 59.88
894 97.77 0.89 1.34 60.07
895 97.76 0.90 1.34 60.25
896 97.74 0.91 1.34 60.44
897 97.73 0.92 1.34 60.63

0.20 893 97.78 0.88 1.33 58.92
894 97.77 0.89 1.33 59.11
895 97.76 0.90 1.34 59.30
896 97.75 0.91 1.34 59.48
897 97.74 0.92 1.34 59.67

SSM ¼ FCSM
FCSM þ FCBZ þ FCTOL

, STOL ¼ FCTOL
FCSM þ FCBZ þ FCTOL

, SBZ ¼ FCBZ
FCSM þ FCBZ þ FCTOL

,

XEB ¼ FEBinlet − FEBoutlet
FEBinlet

� 100
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In other words, increasing the feed temperature in second reactor
increases the EB conversion and decreases the SM selectivity;
however, despite slightly reducing the selectivity of SM, increas-
ing the EB conversion causes to increase the flow rate of the pro-
duced SM.

In order to investigate the effects of increasing the tempera-
ture of feed more than 1 °C per each 0.05 m deactivation
length, the increment of 1 °C is considered for temperature.
Table 5 shows the effect of inlet temperature variation on reac-
tors efficiency. It is seen that increasing the temperature by 1 °C
per each 0.05 m increases the conversion of EB and selectivity
of BZ and TOL while decreases the selectivity of SM. Thus, by
increasing the inlet temperature more, the rate of decreasing in
SM selectivity is more than that of increasing the EB conversion.
Therefore, a further increase in inlet temperature is not desired
and the best increment for temperature is selected as 1 °C of tem-
perature per each 0.05 m. The similar trend is seen for second re-
actor (Table 6).

Table 7 illustrates a comparison of several catalysts applied
in the SM production. In order to compare the catalysts, there
are several aspects that basically affected SM production.
These aspects are EB conversion percent, SM selectivity as
main product, TOL production ratio to BZ production, and the
process temperature.

The EB conversion is an important aspect for catalyst selec-
tion. According to Table 7, the best catalysts in EB converting
are FeAl-14, Fe2O3–5.0%K2O–4.2%CeO2, Mg3Fe0.5Al0.5,
and Fe2O3–Cr2O3–K2CO, respectively; however, the men-
tioned catalysts have low SM selectivity. It is evident that de-
creasing the SM selectivity increases the fractionation cost.
Table 7 shows that Mg–Fe (4/1), G-84C, SM5, and S6-20
have the highest styrene selectivity among other catalysts. The
third aspect is TOL to BZ production ratio. TOL and BZ are
two by-products in EB dehydrogenation. As TOL is more pre-
cious than BZ, it is desired to select catalysts which have high
TOL to BZ production ratio. For this purpose, the best catalysts are
Fe2O3–Cr2O3–K2CO3, SM5, and Fe2O3–5.0%K2O–4.2%CeO2,
respectively. The last effective factor in the selection of catalyst is
the temperature of feed. As the dehydrogenation of EB is an endo-
thermic reaction, the process requires high temperature; however,
increasing the inlet feed temperature raises the energy consumption
of the process. Thus, the best catalyst should be converted EB with
high SM selectivity in low temperature.

The catalyst used in the present study is SM5. As it is seen,
SM5 has low EB conversion in first stage, high SM selectivity,
and high TOL to BZ production ratio; however, the inlet feed
temperature is high compared to other catalysts which means
high energy consumption for the process. In addition, by increas-
ing the deactivated zone, the inlet temperature must be increased
which raises the energy consumption of the process.

5. Conclusions

In the present study, the dehydrogenation of EB over a po-
tassium-promoted iron oxide catalyst in radial fixed bed

reactor was modeled. The governing equations were solved
numerically to calculate the EB conversion and SM selectivity.
The simulation of partially deactivated catalytic bed shows
that deactivation decreases the conversion of dehydrogenation
process. It is proposed that the feed temperature is increased
by 1 °C per 5 cm of deactivated length. The simulation results
illustrated that increasing the temperature compensates the re-
duction in EB conversion. The simulation results for fresh cat-
alysts are in line with the experimental data obtained from
real plant.

Nomenclature

Ac: the surface area of catalyst
Ar: the surface area of reactor in each radius
E: activation energy
Fi0: the molar flow of peace
ki: Heat capacity for species i
K0: reaction speed constant
P: pressure
R: ideal gas constant
r: reaction rate
ΔHj: reaction enthalpy, J/mol/h

Greek letters

α: Stoichiometric coefficient, heat capacity coefficient
β: Heat capacity coefficient
γ: Heat capacity coefficient
ε: Catalyst bed porosity
ρc: Catalyst bulk density, kg/m3

ρf: Gas mixture density, kg/m3

Subscripts

i: Chemical species
j: Chemical reaction
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