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Abstract
Chemical looping combustion is a highly efficient CO2 separation technology without direct contact between combustion 
air and fuel. A metal oxide is used as an oxygen carrier in dual fluidized beds to generate clean CO2. The use of biomass is 
the focus of current research because of the possibility of negative CO2 emissions and the utilization of biogenic carbon. 
The most commonly proposed OC are natural ores and residues, but complete combustion has not yet been achieved. In this 
work, the direct utilization of CLC exhaust gas for methane synthesis as an alternative route was investigated, where the gas 
components CO, CH4 and H2 are not disadvantageous but benefit the reactions in a methanation step. The whole process 
chain, the coupling of an 80 kWth pilot plant with gas cleaning and a 10 kW fluidized bed methanation unit were for this 
purpose established. As OC, ilmenite enhanced with limestone was used, combusting bark pellets in autothermal operation 
at over 1000 °C reaching high combustion efficiencies of up to 91.7%. The fuel reactor exhaust gas was mixed with hydrogen 
in the methanation reactor at 360 °C and converted with a methane yield of up to 97.3%. The study showed especially high 
carbon utilization efficiencies of 97% compared to competitor technologies. Based on the experimental results, a scale-up 
concept study showed the high potential of the combination of the technologies concerning the total efficiency and the 
adaptability to grid injection.
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1  Introduction

Chemical looping combustion (CLC) is an efficient carbon 
capture technology and utilizes the oxygen carrier capacity of 
certain metal oxides, called oxygen carrier (OC), to combust 
fuel to obtain undiluted CO2 [4]. Through the use of the OC, 
there is no direct mixing of combustion air and fuel and there-
fore the exhaust gas is not diluted by nitrogen [5, 6]. Using bio-
mass as fuel, CLC as a carbon capture and storage technology 
with bioenergy (BECCS) enables “negative” CO2 emissions 
[7–10] or offers a resource for renewable and climate-neutral 

carbon [11]. Finding suitable OC is essential when converting 
solid fuels and compared to gaseous CLC, fuel impurities like 
ash pose additional challenges [12, 13]. Either cheap natural 
ores and residual materials, e.g., industrial waste, or highly 
specialized synthetic OC are used. [14, 15] The high cost of 
synthetic OC is critical due to the disadvantage of ash contami-
nation leading to deactivation and dilution of the expensive OC 
during the process [15, 16]. Therefore, the general focus lies 
on natural ores and residual materials with the benefit of lower 
costs at the expense of reactivity and fuel conversion [17–19]. 
Mixing different ores, e.g., limestone addition to an OC, can 
improve conversion rates, but no full combustion with natural 
ores has been reported so far [20–24]. An extensive gas clean-
ing step is therefore essential for the successful utilization or 
storage of the biogenic CO2 [25, 26]. An alternative route is 
the direct utilization of the CLC exhaust gas to produce, e.g., 
synthetic natural gas (SNG), where unburnt components like 
CO, CH4 and H2 are no burden but beneficial to the reactions 
in a methanation unit [27–29]. Other studies focus on different 
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utilization processes e.g., the production of ammonia or for-
mic acid [30–33]. The combination of CLC and methanation 
has been covered so far only by different theoretical studies 
regarding economics and life cycle assessment [34–37]. This 
work shows the demonstration of the whole process chain in 
one lab facility. The exhaust gas of an 80 kWth CLC pilot plant, 
operated with ilmenite enhanced by limestone, is utilized in a 
fluidized bed methanation unit. Providing a proof of concept, 
this work deals with the following main objectives.

•	 First experimental demonstration of the coupled pro-
cesses in a pilot scale; CLC combined with gas cleaning 
and direct methanation.

•	 Investigation of operation conditions, gas compositions, 
conversions and yields of the coupled processes.

•	 A scale-up concept study to a 100 MWth plant based on 
the experimental results, combining utilization and stor-
age of biogenic CO2.

•	 The scale-up simulation was in comparison to previous 
studies based on the experimental demonstration of the 
whole chain, incorporating impurities, gas cleaning steps 
and heat extraction [34–37].

2 � Theory

CLC is an unmixed combustion technology where fuel and 
combustion air have no direct contact [5, 6]. Pure oxygen 
for fuel combustion is provided by a metal oxide (MeOx) 
called the oxygen carrier (OC) in form of lattice oxygen. 
The OC enters two different reaction zones located in two 
reactors, according to Fig. 1. In the air reactor (AR), the 
OC takes up oxygen during a reaction with air (Reaction 1). 
The combustion of the fuel occurs in the fuel reactor (FR), 
where the transfer of oxygen to the fuel (CnHm) is enabled, 
as seen in Reaction 2. [38] Thereby the OC is reduced and 
oxidation is again necessary for completing the loop of the 
two reactions. Due to the absence of nitrogen, the exhaust 
gas of the FR consists of CO2 and H2O. The circulation of 
OC between the reactors transfers the oxygen necessary for 
combustion and the heat required to maintain the heat bal-
ance in the system [39].

The OC must fulfill several requirements to be suitable 
for CLC operation. A sufficient oxygen transport capacity 
with high reactivity for reduction and oxidation reactions 
maintained over a large number of redox cycles is essential. 
Good fluidization properties, resistance to agglomeration 
and attrition are also fundamental for a stable operation [40]. 

(1)MeOx−1 + 1∕2O2 → MeOx

(2)
(2n + m∕2) MeOx + CnHm → (2n + m∕2) MeOx−1 + n CO2 + m∕2 H2O

Elutriated fines and dilution with ash increase the replace-
ment costs of OC. Therefore, economical oxygen carriers 
with enough oxygen transport capacity, such as iron or man-
ganese ores, and iron-containing wastes have mainly been 
proposed for the combustion of solid fuel in CLC [14]. 
Mentioned materials show no or no permanent capabilities 
of the chemical looping with oxygen uncoupling (CLOU) 
effect, which is needed for complete solid fuel combustion 
[41]. Therefore, an extensive gas cleaning step is essential 
for successful utilization or storage applications. The largest 
cost factor of solid CLC is therefore the complete conversion 
of unburnt gases in an oxy-polishing process, where pure 
oxygen is needed [25].

As an alternative, subsequent methanation of the exhaust 
gas of CLC is proposed in this work to reduce gas treatment 
costs and produce biogenic methane as a product. For this 
process, additional external H2 is needed. During catalytic 
methanation, H2 and CO react to CH4 and H2O according 
to Reaction 3. The reversed water–gas shift reaction (Reac-
tion 4) leads to the formation of CO and H2O if excessive 
hydrogen is available. In combination with Reaction 3, CO2 
and H2 react via the reversed water–gas shift reaction and 
form CH4 and H2O, as seen in Reaction 5.

(3)CO + 3H2 ⇌ CH4 + H2O ΔH0

R
= −206

kJ

mol

Fig. 1   Scheme of the CLC process with AR and FR
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All these reactions are exothermic, and large quantities of 
heat need to be removed. For this case, fluidized beds possess 
high heat and mass transfer capabilities due to the movement 
of the particles and therefore can tackle this issue [42].

3 � Materials and Methods

3.1 � Process chain setup

For the utilization of the FR exhaust gas, a complete pro-
cess chain has been set up at TU Wien, consisting of the 
advanced dual fluidized bed (DFB) reactor, a gas cleaning 
section and a fluidized bed methanation reactor. Figure 2 
depicts the process chain of the investigated FR exhaust gas 
treatment route, including the methanation unit at TU Wien. 
A partial flow of the exhaust gas from the fuel reactor of the 
CLC pilot plant enters the gas cleaning section and is subse-
quently catalytically converted to raw-SNG in the methana-
tion reactor with externally supplied hydrogen.

The 80 kWth CLC pilot plant at TU Wien has been pro-
posed as an advanced DFB system by Pröll and Hofbauer 
[43] for solid fuel CLC and Schmid et al. [44] for fluidized 
bed steam gasification, also seen in Fig. 3. The two fluid-
ized beds (AR and FR) are connected at the top and bottom 
via steam-fluidized loop seals. These loop seals separate 
the gas atmospheres between the reactors to ensure CO2 
purity and high capture rates of carbon. The AR works as a 
riser to initiate the circulation of the bed material between 
the reactors. Air staging in the AR enables control over 
the amount of OC transported up the riser. The entrained 
particles from the AR are separated by a gravity separator 
and transported to the FR via the upper loop seal (ULS). 
The upper part of the FR is a counter-current column with 
several built-in constrictions placed along its height. They 

(4)CO2 + H2 ⇌ CO + H2O ΔH0

R
= −41

kJ

mol

(5)CO2 + 4H2 ⇌ CH4 + 2H2O ΔH0

R
= −164

kJ

mol

reduce the free cross-section of the reactor to intensify 
the gas–solid contact by increasing the solid hold-up of 
the downward-flowing OC. In contrast, the lower part of 
the FR is designed as a bubbling fluidized bed to reach a 
high solid residence time. The FR is operated with steam 
acting as a fluidization and gasification agent for solid 
fuels. The loop of bed material is closed by the lower loop 
seal (LLS), where the OC is transported back to the AR. 
The fuel feed is realized in the lower part of the FR by a 
screw conveyer with on-bed feeding. To compensate for 
heat losses over the reactor wall, it is possible to intro-
duce auxiliary fuel in the form of heating oil to the AR. 
More detailed reactor and cold flow model descriptions are 
found in the literature [1, 45, 46].

Because of the different scales of the gas cleaning units 
and the methanation unit compared with the CLC reactor, 
only a partial flow of the exhaust gas from the FR is redi-
rected to the utilization route. The gas cleaning section con-
sists of a particle filter, a biodiesel scrubber and adsorptive 
beds for the removal of impurities. Heavy tars and water-
soluble substances are removed in the biodiesel scrubber 
while light tars and sulfur compounds are held back in acti-
vated carbon filters and a ZnO guard bed. The methana-
tion reaction itself takes place in a single-step fluidized bed 
reactor (cf. Figure 4) at ambient pressure and temperatures 
around 360 °C. The necessary hydrogen was provided by a 
gas bottle. Multiple temperature measurements together with 
the air cooling allow an isothermal operation of the fluid-
ized bed methanation reactor. The reactor is designed for a 
nominal raw-SNG output of 10 kW and utilizes 1.5 kg of a 
specially prepared, attrition-resistant NiO/Al2O3 catalyst for 
fluidized bed applications. The catalyst for the methanation 
contained 20 wt.-% NiO and 2 wt.-% MgO and was prepared 
on an Al2O3 support. The used support was a Puralox SCCa-
150/200 -Al2O3 from SASOL, which is particularly designed 
for fluidized bed applications and thus exhibits a high level 
of attrition resistance. Additional information on the catalyst 
is published by Bartik et al. [47]. A detailed description of 
the process chain, the reactor setup and the gas cleaning 
route is reported elsewhere [42, 47].

Fig. 2   Process chain of the direct utilization of chemical looping combustion exhaust gas to raw-SNG
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3.2 � Material characterization

Ilmenite, a natural iron titanium ore, mixed with 20 wt% 
of limestone was used as OC for this experiment. Ilmenite 

can still be considered as the best-investigated benchmark 
material for solid fuel CLC [48–54]. It is a so-called hetero-
geneous OC, i.e., it is not able to release gaseous oxygen 
and the fuel conversion happens solely via gas–solid contact 
[48]. The limestone was purchased as feed limestone. The 
CaCO3 of the limestone reacts to CaO under the conditions 
in the reactor system and, thus, releases CO2 in the reactor 
while heating up. Limestone addition is known for improv-
ing gas conversion, because of the catalytic effect of CaO 
on the water–gas shift reaction, converting CO to CO2 [55]. 
Also, limestone binds parts of the fuel sulphur and improves 
the exhaust gas quality [52, 56]. The compositions of both 
materials can be found in Table 1.

The characterization of the OC, according to Fleiß 
et al. [3], provides an estimation of the impact of blending 
ilmenite with limestone on different important parameters, 
conducted in a laboratory facility [57]. Visualization in a 
spider-chart depicts the suitable properties as a material for 
fluidized beds on the right side and the oxygen carrier-spe-
cific properties on the left side, as seen in Fig. 5, regarding 
being a suitable OC. By blending ilmenite with limestone, 
the properties listed on the left side of the diagram could 
be improved. Thereby, oxygen carrier-specific properties 
like oxygen transport, gas conversion and carbon conver-
sion show higher numbers due to an increased reactivity and 
catalytic effect with limestone at the expense of bed material 
properties. The highest decrease is shown in the attrition 
resistance resulting from the porous structure of limestone. 
By shifting the area to the middle of the chart, limestone 
addition has a high potential for the 80 kWth pilot plant.

The used fuel was bark pellets made from commercially 
available bark mulch. It was first milled and then processed 
in the pelletizing machine with the addition of a small 
amount of water. After drying, the resulting pellets had a 
diameter of about 6 mm and a length of 5–25 mm. The fuel 
analysis of the bark pellets is shown in Table 2.

3.3 � Experimental evaluation and performance 
indicator

A detailed description of the experimental setup and proce-
dure is given by Penthor et al. [1] and by Fleiß et al. [3, 58]. 
The goal of each operating point is to achieve stable opera-
tions with the highest possible conversion to CO2. To have 
a clear overview of the experimental conditions, there are 
several temperature and pressure measurements spread over 
both reactors. In addition, the components of the gases after 
FR, AR and methanation unit are measured by Rosemount 
NGA 2000 gas analyzers (used methods: UV/IF, paramag-
netic and heat conductivity), which have accuracy at about 
1% of their measuring range. In the AR exhaust gas CO2, CO 
and O2 are measured. In the FR exhaust gas, a gas chromato-
graphic measurement is carried out in addition to a continuous 

Fig. 3   Scheme of the 80 kWth pilot plant at TU Wien, divided into 
FR on the left and AR on the right side, adapted from [1]
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measurement of the concentration of gases. The gas compo-
nents measured include O2, CO2, CO, CH4, H2, N2, C2H2, 
C2H4 and C2H6. Based on the available measurements and the 
known input flows, a complete mass and energy balance could 
be calculated for each steady-state experimental point of the 
CLC part via the simulation software IPSEpro [58, 59]. In the 
validation mode of the software, a standard accuracy of 10%, 
except for temperature measurements (10 °C), was selected for 
every single measurement calculating also the relative sum of 
square errors, seen in Table S1 of the supplementary material. 
The most likely experimental conditions were calculated with 
a confidence interval of 95%, while still fulfilling all mass and 
energy balances. By balancing input and output measurement, 
the calculation validates each measurement by its accuracy in 
comparison to the overdetermined system. To evaluate and 
assess the performance of the OC and the operating point in 

the plant, important key performance indicators (KPIs) can 
be determined. The following paragraphs feature important 
KPIs for the CLC section of the experiments. One important 
KPI, the carbon capture rate ηCC describes how much of the 
carbon introduced into the fuel reactor is found in the gas 
phase of the fuel reactor exhaust gas. This also represents the 
loss of carbon, mainly through combustion in the air reactor.

The CO2 yield γCO2 describes how much of the carbon 
introduced into the fuel reactor is contained in the fuel reac-
tor exhaust gas as CO2. It is a measure of the incomplete 
conversion of carbon to CO2.

(6)𝜂
CC

=
ṅ
C,FR,exhaust

ṅ
C,FR,feed

⋅ 100[%]

(7)𝛾
CO2

=
ṅ
CO2,FR,exhaust

ṅ
C,FR,feed

⋅ 100[%]

Fig. 4   3D-CAD drawing (left) 
and picture (right) of the fluid-
ized bed reactor [47]

Table 1   Composition of the Norwegian ilmenite and calcined lime-
stone (components ≥ 0.1 wt%)

Content [wt%] Ilmenite Calcined 
limestone

TiO2 44.1 -
Fe2+ 25.9 0.1
Fe3+ 9.1 -
O with Fe 11.4 0.1
MgO 3.6 4.4
SiO2 2.0 0.8
Na2O - 4.2
MnO 0.3 -
CaO 0.3 88.4
V2O3 0.2 -
S 0.1 0.1
Cr2O3 0.1 -
Al2O3 0.6 0.8
Cl - 0.8 Fig. 5   Characterization and comparison of the mixture of ilmenite 

and limestone to pure ilmenite as OC (adapted from [3])
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The CO2 selectivity SCO2 is a measure whether the com-
bustion of the carbon ṅC,FR,exhaust in the exhaust gas to CO2 
is complete, see Eq. 8. The difference of SCO2 to 100% rep-
resents the amount of unburnt carbon in the FR exhaust gas 
in components like CO, CH4, higher hydrocarbons and tars.

Another important KPI is the combustion efficiency �Comb 
describing how much of the fuel is converted to CO2 and 
H2O. It combines the unconverted gases with the lost fuel to 
the AR reactor and gives an overall assessment of the CLC 
operation, shown in Eq. 9. It is based on the ratio of the 
demanded oxygen for complete stoichiometric combustion 
of the exhaust gas ṅ

O2,exhaust,dem
 and of the fuel ṅO2,fuel,dem

.

The total oxygen demand ΩOD describes the amount 
of oxygen necessary for the complete oxidation of the FR 
exhaust gas compared to the amount of oxygen necessary 
for full the oxidation of the fuel feed, see Eq. 10.

Important KPIs concerning the methanation section 
are displayed in Eq. 11–14. The methane yield ( YCH4

 ) is 
calculated according to Eq. 10, where ṅ is the molar flow 
and N is the number of carbon atoms in the respective gas 
component in the feed gas ( feed ) and the raw-SNG ( out ). 
Equation 12–14 define the CO conversion ( XCO ), the CO2 
conversion ( XCO2

 ) and the H2 conversion ( XH2
 ), respectively.

(8)S
CO2

=
ṅ
CO2,FR,exhaust

ṅ
C,FR,exhaust

⋅ 100[%]

(9)𝜂
Comb

=

(

1 −
ṅ
O2,exhaust,dem

ṅ
O2,fuel,dem

)

⋅ 100[%]

(10)Ω
OD

=
ṅ
O2,exhaust,dem

ṅ
O2,fuel,dem

⋅ 100[%]

(11)Y
SNG,CH4

=
ṅ
CH4,out

∑

i
N
i
ṅ
i,feed

⋅ 100[%]

(12)X
SNG,CO2

=
ṅ
CO2,feed

− ṅ
CO2,out

ṅ
CO2,feed

⋅ 100[%]

The stoichiometric number ( SN  ) (Eq. 15) evaluates the 
product gas in terms of its stoichiometry for methanation. 
The amount of hydrogen content is put in relation to the 
content of carbonaceous species to be methanated accord-
ing to the corresponding reaction equations.

The overall process chain is evaluated through the overall 
cold gas efficiency (CGE) according to Eq. 16. It relates the 
chemical energy of methane in the raw-SNG to the chemi-
cal energy of the fuel input to the FR plus the chemical 
energy introduced through the external hydrogen addition. 
The chemical energy is based on the lower heating value.

Equation  17 shows the carbon utilization efficiency 
( �

C,total ) of the whole experimental chain, which assesses 
the amount of carbon in the CH4 of the raw-SNG compared 
to the amount of carbon introduced via the fuel in the FR.

4 � Results and Discussion

4.1 � General operation

The start-up procedure of the pilot plant was divided into 
two different phases. During the first phase, the pilot plant 
was preheated by the fluidization of the AR and FR (air for 
both reactors) up to 350 to 400 °C using electrical heat-
ing. When the plant temperature was high enough, light fuel 
oil (AR) and wood pellets (FR) were fed into the plant. At 
900° C, the air supply to the FR was gradually replaced by 
steam to initiate CLC operation. After the ramp-up of the 
temperatures and the change of fuel from wood pellets to 
bark pellets, the continuous operation started at 18:00, see 
Fig. 6. The green areas mark steady-state operating condi-
tions with only minor changes in temperatures, concentra-
tions and material transport. During operating point 1 (OP1), 

(13)X
SNG,CO =

ṅ
CO,feed − ṅ

CO,out

ṅ
CO,feed

⋅ 100[%]

(14)X
SNG,H2

=
ṅ
H2,feed

− ṅ
H2,out

ṅ
H2,feed

∗ 100[%]

(15)SN =
yH2

3 yCO + 4 yCO2

[−]

(16)CGE =
PCH4,out

Pfuel,FR + PH2

∗ 100[%]

(17)𝜂C,total =
ṅC,CH4,out

ṅC,FR,feed
∗ 100[%]

Table 2   Fuel analysis of the bark pellets

Component Content Parameter Value

Carbon (C) 47.1 wt%(wf) Water content 5.3 wt%
Hydrogen (H) 5.1 wt%(wf) Volatile content 70.5 wt%(waf)
Nitrogen (N) 0.6 wt%(wf) Fixed carbon 29.5 wt%(waf)
Sulphur (S) 0.05 wt%(wf) LHV (dry) 16.9 MJ/kg(wf)
Chlorine (Cl)  < 0.01 wt%(wf) LHV (moist) 15.9 MJ/kg
Oxygen (O) 35.7 wt%(wf) Ash 11.46 wt%(wf)
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high temperatures were reached ensured by oil addition. 
CO2 concentrations up to 88% were achieved, whereby a 
few percent of nitrogen diluted the FR exhaust gas through 
the flushing of the fuel bunker and the pressure cells. During 
operating point 2, no oil was added and thus the temperature 
in both reactors decreased while higher CO2 concentrations 
were reached. Because of the autothermal operation, OP2 
was also characterized by lower temperature fluctuations 
in the AR. The temperature of the AR was kept at a high 
level through the exothermal oxidation reaction of the OC, 
while the temperature of the FR showed a slight decrease 
over time. At 18:00, the methanation unit was activated. 
The high peaks of the H2 concentration or the grey marked 
areas are a result of changing the operation condition of the 
methanation unit. With excess hydrogen, it was possible to 
convert almost all CO2 to methane. During OP2b the excess 
hydrogen was increased to minimize the CO2 and CO in the 
raw-SNG. Overall, the operation of both reactors was highly 
stable and no interference, e.g., defluidization or agglom-
eration occurred. The grey areas in Fig. 6 do not show an 
impairment of operation, but a short interruption of the gas 
measurement.

4.2 � Comparison of autothermal CLC operation 
(OP2) and CLC with oil addition (OP1)

During the two operating points OP1 (with oil addition) and 
OP2 (autothermal), the input parameters were not changed 
for the whole duration, resulting in only minimal changes 
in reactor temperatures and gas concentration. At the start 
of OP2, the oil addition to the AR was stopped and auto-
thermal conditions were reached. That means that besides 
the addition of bark pellets to the FR and gas preheating, no 
additional heating of the FR took place. Of all values, the 

temperature in the FR changed the most during OP2. The 
high heat losses through the reactor wall and the autothermal 
operation caused a slight drop in temperature, which slowly 
levelled off because of the heat losses and the generated heat 
balanced out. The concentration of the gases in the FR was 
not impacted by the slight temperature drop during OP2.

Figure 7 presents the average temperature profiles over 
the AR and FR for both operating points. In general, 10 to 
20 °C higher temperatures were achieved at OP1, but the 
most significant temperature difference was measured in the 
AR at 1.5 m height. The temperature elevation resulted from 
the oil injection and the heat release due to oil combustion. 
In the temperature profile of the FR, the energy demand for 
the degasification of the fuel is visible. In the bubbling bed 
of the FR, the temperature dropped over 100 °C. High tem-
peratures in this part of the reactor are essential to favor gasi-
fication kinetics and therefore minimize carbon losses to the 
AR. In the upper part of the FR, the temperature increased 
due to the combustion of the unburnt gases and the inlet of 
hot OC coming from the AR. In this part, the temperature 
difference of the operating points dwindled because of a 
higher gas conversion of OP2. In large-scale reactors, rela-
tive heat losses would be considerably lower due to the bet-
ter insulation and refractory lining, which is not available 
in the 80 kWth pilot plant. In addition, the scale-up of fluid-
ized beds is beneficial for the specific surface of the plant, 
which also reduces heat losses and the temperature of the 
AR would be adjustable by a reactor wall cooling [60].

The decrease of the FR temperature resulted also from 
the change of the solid circulation rate of hot OC between 
OP1 and OP2, which was a result of the lower airflow of 
OP2. In autothermal operation, no air is needed for oil 
combustion and the excess air was reduced to reach similar 
oxygen concentrations of the AR exhaust gas. The higher 

Fig. 6   Gas concentration in the 
FR and temperatures of the FR 
and AR (left). Raw-SNG gas 
concentrations downstream the 
methanation unit (right)
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solid circulation of OC led to more heat transport to the 
FR. The increased solid circulation rate, see Table 3, led to 
additional hot OC in the lower FR and therefore to higher 
temperatures, which benefited the gasification reaction of 
char resulting in higher carbon capture rates. The carbon 
capture rate was determined by the measurement of a CO2 
concentration of the AR exhaust gas to evaluate the slip 
of char from the FR. Due to the oil injection in OP1 the 
CO2 concentration of the AR exhaust gas was higher than 
in the other experiments. The carbon injected by oil is not 
included in the carbon capture rate balance, because the oil 
should compensate for heat loss over the reactor wall, which 
would be reduced in industrial reactors. The additional 
input of carbon by oil decreases the accuracy of the carbon 
capture rate value. The calculation is only based on the CO2 
measurement in the AR and seems therefore not completely 
reliable, because of the high uncertainty of the oil and bark 

fuel input. This is also shown by the higher deviation of the 
validation calculation compared to other measurements at 
5–15%, seen in Table S1 of the supplementary material. In 
contrast to the results in Table 3, higher solid circulation 
rates usually decrease the carbon capture rate, according to 
the previous experiments [58].

Although no higher hydrocarbons were measured by 
gas chromatography in both operating points, Fig. 8 shows 
that the fuel conversion was not complete. Concentrations 
of unconverted CH4, CO and H2 and low amounts of tars 
in the FR exhaust gas were measured, which are similar 
or lower according to the literature [56, 61]. Tars were 
measured according to the measuring method of Benedikt 
et al. [2]. Comparing the operating points, OP2 showed 
lower gas concentrations of CO and H2 as well as a lower 
tar content in the FR exhaust gas. The higher temperature 
of OP1 benefited the decomposition of CH4 into smaller 

Fig. 7   Temperature profile over both reactors, FR and AR, of OP1 with oil addition as well as the autothermal OP2

Table 3   Air fluidizing and staging of the AR resulting in different solid circulation rates

OC to fuel 
ratio

AR air input total Primary Secondary Tertiary Oil air Solid Circula-
tion rate

Carbon 
capture 
rate

[-] [Nm3/h] [Nm3/h] [Nm3/h] [Nm3/h] [Nm3/h] [kg/h] [-]
OP1
(Oil addition)

3.0 94.9 31.5 40.8 17.6 5.0 1503.6 99.5

OP2
(autothermal)

2.7 72.5 17.4 30.1 19.9 5.1 1138.1 95.8
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gas components. The advantage of higher temperatures 
with oil addition to the AR seemed to enhance opera-
tion partly regarding to carbon capture rate and methane 
conversion. In return, the oxidation of the ilmenite in the 
AR was hindered by the oxygen consumption of oil and 
affected the gas conversion in the FR adversely. The rea-
son could be attributed to a lower oxidation state of OC in 
the AR during OP1 due to the oil injection despite higher 
air flows. Oil addition is a viable tool for heating up the 
pilot plant or reaching plateaus of high temperature, but 
interfered too much with stationary CLC operation and is 
in the case of CLC not suitable to simulate the operation 
of industrial plants. For the energy production in scale-up 
plants, extraction of heat over the AR reactor wall could be 
possible, which is comparable to the heat loss of the pilot 
plant. An experimental simulation of scale-up operation 
is therefore better matched with autothermal conditions 
in the pilot plant. The major difference is the adjustable 
temperature in the AR over the heat extraction, which in 
the case of the pilot plant is not given. Steady-state opera-
tion in the pilot plant is therefore more limited to certain 
process condition. The temperature of the system is not 
directly controllable but is a result of different parameters, 
e.g., solid circulation, fuel addition in the FR and airflow 
in the AR. In this respect, a more in-depth interpretation 
of the operation than here would require considerably 
more different experimental points and thus more operat-
ing time.

4.3 � Comparison of pure ilmenite with ilmenite 
and limestone addition

Recent experiments on the pilot plant were conducted with 
four different OC and five different fuels, published by Fleiß 
et al. [58]. For comparison, the results of pure ilmenite and 
pelletized bark were of interest. Table 4 shows the impor-
tant parameters and results of experiments with both pure 
ilmenite and the mixture of ilmenite with limestone. With 
pure ilmenite, higher solid circulation rates were reached 
due to the lower density of limestone, resulting in a higher 
OC-to-fuel ratio despite higher fuel input. The main differ-
ence was the higher temperature reached during the experi-
ments with limestone addition. In the experiments with pure 
ilmenite, the temperature was ramped up with oil to over 
1000 °C but was levelling off to lower temperatures without 
additional heating. Due to lower conversion rates of unburnt 
gases like CO, CH4 and H2, the energy demand of the FR 
was higher due to less heat release because of the incom-
plete combustion and higher energy demand of the gasifica-
tion reaction. The lower temperatures with pure ilmenite 
also led to a higher loading of tar at around 13.4 g/Nm3

dry 
(compare Fig. 8) and the formation of higher hydrocarbons. 
The catalytic effect of limestone regarding the reduction 
of tars is known in literature [52]. The carbon capture rate 
was also higher in the experiments with limestone addition. 
The experiments with limestone addition showed not only 
a higher performance regarding carbon capture rate but 
especially combustion efficiency, CO2 yield and selectivity 
reached higher numbers, see Fig. 9. The operating conditions 
of the different experiments indicate why the performance 
of OP1 and OP2 turned out to be higher. On the one hand, 
the power input to the FR was lower during the experiments 
with limestone. A higher solid circulation rate was thus 
necessary to transport sufficient heat and oxygen with pure 
ilmenite, which can reduce the carbon capture rate [58]. The 
FR was operated with steam and through the increased fuel 
input, a lower steam-to-carbon ratio resulted in disadvanta-
geous conditions for the gasification reaction of fuel with 
pure ilmenite [62]. On the other hand, there was a tempera-
ture gap of 100 to 150 °C between the experiments with and 
without the addition of limestone. The high temperatures in 
the case of the ilmenite/limestone mixture, especially in the 
autothermal operation of OP2, had a major impact on the 
conversion of tar and gases in the FR reactor and resulted in 
higher combustion efficiency. The catalytic effect initiated 
by limestone benefited the water–gas shift reaction reducing 
the CO and increasing the H2 concentration, which is more 
reactive with ilmenite [52, 56]. The additional heat released 
due to the higher conversion rates of gas resulted in higher 
temperatures in the FR, which favoured the oxygen release 
of the OC and again benefited thereby the gas conversion. 
Although the total oxygen transport capacity of ilmenite 

Fig. 8   Unconverted species of the FR exhaust gas OP1 with oil addi-
tion in comparison to autothermal OP2. Tars were measured accord-
ing to Benedikt et al. [2] and included GC/MS with BETX but with-
out toluene
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mixed with limestone is lower, it was capable of releasing 
more oxygen. With given performance parameters, not only 
the previous experiments with bark were surpassed, but also 
the highest combustion efficiency, CO2 yield and selectivity 
were achieved in this reactor setup with natural ores so far 
[1, 58]. The gas conversion, similar to the CO2 selectivity, 
generally decreases with the concentration of volatiles in the 
fuel. However, to reach high selectivities up to 95% with a 
high volatile fuel like bark is usually only reached with OC 
capable of the CLOU effect, e.g., copper ore, manganese ore 

or synthetic OC [63]. This highlights both the importance of 
blending natural ores for boosting the reactivity, but also the 
proper reactor setup in combination with OC and operation 
conditions, especially high temperatures for the conversion 
of different gas species. The OC must maintain stability 
and agglomeration resistance at high temperatures, which 
was the case for the ilmenite/limestone blend. Nevertheless, 
complete combustion of fuel has not been reached with cur-
rently available natural ores or residue materials yet. For this 
reason, a concept for further treatment of the exhaust gas 
must be available for commercial plants.

4.4 � Exhaust gas treatment and coupled processes

The most proposed concept of post-gas treatment for CLC 
exhaust gas from the FR with solid fuels is the oxy-polish-
ing process. The unconverted gas in the FR exhaust gas is 
combusted with pure O2 in an additional reactor. Depend-
ing on conversion rates in the FR, more or less O2 must be 
added. For optimal conditions in the oxy-polishing reactor, 
modelling predicts that it is possible to reach a percent-
age of unconverted gases and surplus oxygen of only 0.6%, 
which could be sufficient depending on the CO2 storage 
application [64]. The downside of this process is the addi-
tional energy demand for oxygen separation from air, which 
is estimated to be over 0.3 kWh/kgO2 for cryogenic separa-
tion [65]. For example, for a full combustion of OP1 and 
OP2 at least 1.8 and 1.3 kgO2 per hour would have been 
necessary, which means an overall penalty to the process 

Table 4   Results of the experimental campaigns on the 80 kW pilot plant, comparison of results of ilmenite and ilmenite mixed with limestone

Name Symbol Unit Bark_1.1 Bark_1.2 OP1
(Oil AR)

OP2 (autothermal) Typical reactor values

Source - - [58] [58] this study this study [1, 3, 58]
Fuel - - Bark Bark Bark Bark Various
Bed material OC - Ilmenite Ilmenite Ilmenite/

Limestone
Ilmenite/
Limestone

Natural ores

Fuel power input FR Pfuel,FR [kW] 77.7 78.2 71.8 62.0 50–85
Fuel power oil to AR Poil [kW] 0 0 17.6 0 0–20
Solid circulation rate SCR [kg/h] 1726 1734 1504 1138 1000–2000
OC to fuel ratio φ [-] 3.2 3.2 3 2.7 2–6
S/C ratio S/C [-] 1.1 0.8 1.4 1.5 1–2.5
Air-to-fuel ratio λ [-] 1.3 1.2 1.5 1.3 1.2–1.8
Temperature gas AR ϑARexh [°C] 916 914 1026 1028 900–1000
Temperature gas FR ϑFRexh [°C] 920 913 1056 1054 900–1000
Lower FR ϑFRlow [°C] 876 869 986 976 850–950
O2 demand ΩOD [%] 18.1 17.4 9 8.4 10–30
Carbon capture rate ηCC [%] 94.9 95.2 99.5 95.8 90–98
Combustion efficiency ηcomb [%] 81.9 82.6 91 91.7 70–90
CO2 yield γCO2 [%] 82.9 85.4 93.3 90.3 70–90
CO2 selectivity SCO2 [%] 87.4 89.8 94.7 94.9 75–90

Fig. 9   Performance parameter of the 80 kWth pilot plant in compari-
son pure ilmenite (Bark_1.1/1.2) and Ilmenite mixed with limestone 
(OP1/2)
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efficiency between 0.6 to 0.8%, similar to values found in 
literature [60]. As an alternative to CO2 storage, the direct 
methanation of the exhaust gas from the FR in a fluidized 
bed reactor is investigated during the experiments. About 
5% exhaust gas of OP1 and OP2 was cleaned through a 
scrubber and activated carbon adsorbers. It was then meth-
anated in a fluidized bed reactor at 360 °C and atmospheric 
pressure with additional hydrogen in the presence of a Ni 
catalyst. During OP2, the amount of hydrogen added to the 
exhaust gas was varied, resulting in a stoichiometric num-
ber (SN) of 1.29 (OP2a) and 1.17 (OP2b). The raw-SNG 
of the methanation reactor showed high concentrations of 
methane and unconverted hydrogen but very low CO2 and 
CO concentrations during operation, as shown in Fig. 10. 
The excessive amount of hydrogen led to CO2 and CO con-
centrations well below 1 vol.-%db and 0.1 vol.-%db, respec-
tively. OP2a, with the highest amount of hydrogen added, 
showed the highest conversion rates and yields except for 
the hydrogen conversion. XH2 was 7 percentage points lower 
at OP2a than during the other OPs, resulting in an uncon-
verted hydrogen share of 25%. Further investigation of the 
methanation unit showed that it is possible to reach even 
lower CO concentrations with a higher amount of hydrogen 
[47] or a pressurized application of the methanation reactor. 
The concentration of CO and CO2 would then be sufficiently 
low to be fed into the gas grid, although the excess hydro-
gen still needs to be separated and recycled.

For the purpose of comparing and evaluating the whole 
process chain of each experiment, the methanation unit was 
scaled up for processing the total amount of the fuel reac-
tor exhaust gas. For converting the total FR exhaust gas 
amount, the methanation unit needed to handle around 30 
times the initial gas input. As performance parameters, the 
carbon utilization and the CGE were calculated, see Table 5. 
OP1 showed the highest carbon utilization of 97%, resulting 
from the high carbon capture rate in the CLC plant. Lost 
carbon is a result of char transported to the AR, tars sepa-
rated in the gas cleaning steps and unconverted carbon (CO 
and CO2) in the methanation unit. The carbon utilization of 

OP2a was close to the carbon capture rate of the CLC unit 
because of the high amount of excess H2, whereby most of 
the carbon was converted to methane. Table 5 additionally 
shows a comparison of other fluidized bed technologies uti-
lizing biogenic feedstock [66]. DFB steam gasification and 
sorption enhanced reforming combined with methanation 
show a lower carbon utilization but less amount of exces-
sive hydrogen in the raw-SNG compared to CLC. Sorption 
enhanced reforming reaches the lowest value regarding car-
bon utilization because limestone is actively used to reduce 
the CO2 and to increase H2 concentrations in the product 
gas [67]. With no or less additional hydrogen needed, the 
CGE is, on the other hand, higher in the case of the gasifi-
cation processes. The main advantages of the coupling of 
CLC with a methanation unit in comparison to the other 
processes are the higher heat generation during the process, 
the high carbon utilization rate and the low tar content in 
the FR exhaust gas, possibly omitting gas cleaning steps. 
However, high amounts of green hydrogen are needed.

Figure 11 depicts the mass flows of the different gases 
during OP2a with a scaled-up methanation unit. 13.7 kg/h 
bark pellets were combusted in the FR with 14.7 kg/h of O2 
released from the OC. The FR is fluidized with steam, which 
was then condensed and separated along with the tars from 
the FR exhaust gas in the biodiesel scrubber. Additional car-
bon loss resulted from the carbon slip between AR and FR in 
an amount of 260 g/h. The FR exhaust gas, mainly consist-
ing of 20.3 kg/h CO2, was transported to the fluidized bed 
methanation unit, where it is mixed with 4.4 kg/h of exter-
nal hydrogen for the scaled-up methanation unit. With this 
amount of excess hydrogen and the reactive nickel catalyst, 
it is possible to decrease the mass flow of CO to 15 g/h. All 
in all, it would be possible to produce 7.5 kg/h of methane 
out of 13.7 kg of bark pellets. Depending on the natural gas 
grid feed-in specifications, it may be necessary to execute 
further gas upgrading. Mainly, a separation of the excessive 
hydrogen from the methane should be included to recycle 
hydrogen and decrease the external hydrogen demand of the 
methanation unit.

Fig. 10   Concentration and KPIs 
of the raw-SNG downstream the 
methanation unit (OP1 with oil 
addition and autothermal OP2b 
with lower surplus of hydrogen, 
autothermal OP2a with high 
surplus of hydrogen)
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Hydrogen, which must come from green sources, would 
be the main cost driver for the coupling of these technolo-
gies. For electrolysis, the production of 4.4 kg/h hydrogen 
of OP2a would have an energy demand of 211.15 kW [68], 
whereby no hydrogen recycle is included, which would 
decrease the amount of needed hydrogen. Another option 
of green hydrogen production is the chemical looping 
hydrogen (CLH) process, where biomass can be utilized 
to produce hydrogen with high purity. In CLH, a reduced 
OC splits steam by incorporating the oxygen [69–71]. In 
the context of this work, electrolysis was selected, because 
it opens up the interesting possibility to couple the process 

with CO2 storage in addition to the methane production 
out of a CLC plant. Splitting the FR exhaust gas stream 
has the advantage of using mainly excess electricity for 
hydrogen production and therefore minimizing the costs 
for the hydrogen supply. Life cycle assessment showed a 
high potential for linking CLC with the methanation and the 
storage process [36]. A by-product of the hydrogen produc-
tion via electrolysis is pure oxygen, which in this case could 
be used in the oxy-polishing step of the CO2 storage route. 
In the following chapter, a scale-up of this concept based on 
the experimental results is discussed in combination with 
the electrolysis technology.

Table 5   Key performance indicators for SNG production via the CLC process chain in comparison to other DFB technologies

Process chain KPIs Additional hydrogen added 
for methanation

Stoichiometric 
number

Carbon utilization Cold gas efficiency

[-] [%] [%]

OP1 Yes 1.17 97.0 ± 3.5 48.1 ± 3.5
OP2a Yes 1.29 95.2 ± 3.7 47.4 ± 3.7
OP2b Yes 1.17 93.8 ± 3.7 50.1 ± 3.7
Data from literature (Bartik et al. submitted manuscript: Experimental investigation of hydrogen-intensified synthetic natural gas production 

via biomass gasification: A technical comparison of different production pathways)
DFB steam gasification Yes 0.91 68.2 51.7
DFB steam gasification No 0.30 37.3 53.1
DFB sorption enhanced reforming No 0.71 35.6 62.4

Fig. 11   Sankey diagram of the process chain of the 80 kWth pilot plant and scaled up fluidized bed methanation unit at TU Wien for OP2a
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4.5 � Scale‑up simulation of a 100 MWth plant

Figure 12 (detailed in Figure S1 of the supplementary) shows 
the flow sheet of the simulated and upscaled experimen-
tal data of OP2a in the simulation software IPSEpro. The 
simulation is an extrapolation of the experimental results to 
higher fuel input. Efficiencies and heat loss are set accord-
ing to industrial processes to calculate realistic mass and 
energy balance of OP2a with upscaled power in and output. 
As input, 100 MWth of bark pellets, compressed air, desali-
nated water for the water steam cycle and, depending on the 
calculation case, excess electricity for the proton exchange 
membrane (PEM) electrolysis are considered. Oxygen car-
rier makeup to compensate for attrition and dilution with 
ash is neglected in the simulation, but should be included in 
further studies to evaluate the ecological impact. The green 
CO2 route starts with the fuel input to the FR, where 22 
t/h of bark is converted by reaction with the oxygen of the 
ilmenite/limestone mixture to a gas with the composition of 
OP2a. The major part of the FR exhaust gas enters the oxy-
polishing chamber and is mixed with pure oxygen from a 
pressure tank, which is supplied by a PEM electrolysis. After 
the heat recovery and a cleaning step, the CO2 is pressurized 
and ready for gas storage. The reached quality of the CO2 
is also highly depending on the fuel input and its impuri-
ties. A detailed description of the necessary cleaning steps 
is given in literature [25]. The smaller part of the exhaust 
gas is directed to the methane route (shown in purple), where 
the exhaust gas is prepared for the methanation. Remaining 
amounts of tars and SOX are removed in a scrubber and 

activated carbon adsorbers. The cleaned FR exhaust gas is 
mixed with hydrogen from the PEM electrolysis and directed 
to the fluidized bed methanation unit. The concentrations of 
the undesired components like CO and CO2 are reduced by 
the hydrogen as demonstrated in OP2a. The hydrogen is sep-
arated via a polyimide membrane Matrimid 5218 [72] and 
recycled back to the methanation unit. The retentate with a 
low hydrogen concentration is already pressurized and after 
a further gas cleaning step ready for the gas grid. The AR 
exhaust gas (shown in red), with a low oxygen concentration, 
can be released to the atmosphere after the heat recovery. 
The generated heat in the CLC process is used for preheating 
the fluidization air and for steam production in a water-steam 
cycle. The water-steam cycle works at a pressure of 80 bar, 
uncoupling electricity via steam turbines and providing heat 
at 140 °C for district heating. The efficiency and additional 
data are given in Table S2 of the supplementary material.

The simulation was carried out for six different cases, see 
Table 6. The input power in every case is composed of fuel 
input of bark and the electricity needed for the PEM electroly-
sis, compressors and pumps. The power of the electrolysis 
determines the amount of produced H2 and O2, which are 
needed for the methanation and the oxy-polishing respec-
tively. The output describes the produced shares of electricity 
by the turbine, generated methane and heat. The total effi-
ciency is calculated by dividing output and input. The line 
“Net” provides information about the amount of stored CO2, 
the O2 balance and the electricity balance in the process, 
because O2 and electricity is also consumed. In the first case 
(Case 1) the PEM electrolysis is supplied with enough energy 

Fig. 12   Simplified flow chart 
of the simulation of 100 MW 
scale-up of the combination of 
the chemical looping combus-
tion, methanation and elec-
trolysis based on the experi-
mental data of OP2a. The exact 
interconnections are given in 
Figure S1 of the supplementary 
material
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to produce sufficient oxygen for the oxy-polishing step. The 
electricity demand of the PEM electrolysis and the compres-
sors for this case is low enough that the electricity produced 
by the turbines is sufficient and no further external electricity 
is needed. With the produced O2 from the electrolysis, it is 
possible to generate 8.3 MW of methane. Case 2 and 3 cover 
high electricity prices, where the production and selling of 
electricity is more viable than that of methane. In Case 2, the 
amount of generated methane is reduced compared to Case 1 
and 5 MW of electricity can be produce. Case 3 shows pure 
CO2 storage and therefore no methane is produced. This case 
shows the highest total efficiency because of the omitting of 
the low efficiency of the electrolysis. For the gas treatment of 
the FR exhaust gas, up to 2.4 t/h of oxygen is needed for the 
oxy-polishing step, which can be discharged out of the O2 
tank or has to be externally supplied. In contrast, Case 4 and 5 
describe the usage of renewable, external and surplus electric-
ity to the extent of 10 and 100 MW. More oxygen is produced 
then used in the oxy-polishing step and the O2 tank can be 
filled. Also, the compressor demand is increased due to higher 
volume flow to the membrane and the recirculation of hydro-
gen separated after the methanation unit. For a methanation of 
the total CO2 stream, 291.2 MW of surplus electricity would 
be needed for power-to-methane (Case 6), where it is possible 
to produce 172.9 MW of methane. The high amount of green 
electricity and the low electric energy conversion efficiency 
in power-to-methane, including the annual number of operat-
ing hours and the thermal-to-electric conversion efficiency 
of methane make this case unfeasible for CLC, according to 
literature [35, 73].

The operation of a real plant should be located between 
case 3 and case 4 depending on electricity costs, availability 
of renewable external surplus electricity and filling state of 
the O2 tank. This would also place the process in the field of 
the highest total efficiency. This requires a high operational 

flexibility of the PEM electrolysis and the methanation unit. 
PEM electrolysis cells are modular in their design and show 
short start-up times [68], which could benefit variable opera-
tion modes if the PEM electrolysis is oversized compared to 
the standard operation (Case 1) of the plant. As for fluidized 
beds, the methanation unit should have cost advantages for 
scale-up compared to fixed be reactors. In addition, fluidized 
beds can be designed to be designed to allow for a part load 
behaviour with regard to flexibility. This results in a plant that 
would be less sensitive to fluctuations in electricity and natu-
ral gas prices. The main output of the plant would be district 
heat and pure CO2 for negative emissions. As for by-products, 
the share of electricity and methane can be balanced with the 
current price and can benefit the stabilisation of the electrical 
grid. Bareschino et al. [35] rate the environmental impact of 
the production and disposal of the OC as most critical in their 
life cycle assessment. Itis based on a synthetic CuO supported 
on zirconia as OC, which is a major difference to the natural 
ores that are used in this work. Navajas et al. report the low-
est global warming potential of bio CLC with methanation 
and CO2 storage compared to other power-to-gas processes to 
date, where three different OC are investigated [36].

5 � Conclusion

In this work, a process chain experiment of an 80 kWth pilot 
plant for chemical looping combustion (CLC) with solid 
fuels combined with a fluidized bed methanation unit is pre-
sented. Bark pellets are converted with ilmenite as oxygen 
carrier enhanced by limestone to exhaust gas, which is meth-
anated with hydrogen addition over a nickel catalyst. Opera-
tion conditions, gas compositions, conversions and yields 
of the individual and coupled processes were investigated. 

Table 6   Simulation results of 
different calculation cases for 
100 MW fuel input (Case 1: no 
additional electricity, Case 2: 
Producing 5 MW electricity, 
Case 3: CO2 storage, Case 4: 
using 10 MW excess electricity, 
Case 5: using 100 MW excess 
electricity, Case 6: power-to-
methane). The efficiency and 
additional data are given in 
Table S2 of the supplementary 
material

Unit Case 1 Case 2 Case 3 Case 4 Case 5 Case 6

Input
Fuel input MW 100.0 100.0 100.0 100.0 100.0 100.0
PEM electricity demand MW 13.8 9.1 0.0 23.2 107.3 286.0
Compressors and O2-tank demand MW 8.1 7.8 7.2 8.7 14.3 26.1
Output
Turbine electricity MW 21.9 21.9 21.9 21.8 21.5 20.9
Generated district heating MW 58.0 58.0 58.1 57.9 56.9 54.9
Exothermal heat methanation MW 1.5 1.0 0 2.5 11.5 30.6
Generated methane MW 8.3 5.5 0.0 14.0 64.9 172.9
Net
CO2 for storage t/h 33.2 33.8 34.9 32.1 21.8 0.0
Net O2 to tank t/h 0.0 -0.8 -2.4 1.6 16.2 47.3
Net electricity MW 0.0 5.0 14.8 -10.0 -100.0 -291.2
Total efficiency % 73.6 73.9 74.7 72.9 69.9 67.3
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Additionally, a scale-up concept for a 100 MWth plant based 
on the experimental results is proposed, combining the uti-
lization and the storage of biogenic CO2. The findings can 
be summarized as follows:

•	 High carbon capture rates and a combustion efficiency 
of over 91.7% were reached in the biomass CLC pro-
cess, which was the best performance in the 80 kWth pilot 
plant with natural ores so far.

•	 During chemical looping combustion operation in the 80 
kWth oil addition was used to increase the temperature 
and therefore the carbon capture rate. On the other hand, 
autothermal operation showed higher gas conversion due 
to higher oxygen uptake in the air reactor.

•	 The addition of limestone to ilmenite increased all key 
performance indicators in comparison to a former experi-
mental campaign with pure ilmenite by 5–10%. Through 
higher conversion rates, the temperature was increased, 
which again favored the conversion and carbon capture.

•	 The pilot plant was successfully coupled with a fluidized 
bed methanation unit and almost all input was converted 
with external hydrogen addition to methane, reaching a 
methane yield of over 97%.

•	 The process chain experiment showed higher carbon uti-
lization (95.2%) but lower cold gas efficiency (47.4%) 
compared to other dual fluidized bed gasification tech-
nologies coupled with methanation.

•	 The scale-up simulation of the experimental data to a 100 
MWth plant, combining the CO2 methanation with stor-
age, revealed a high potential with regard to adaptability, 
global warming potential reduction and promising high 
total efficiencies between 65 and 75%.

Based on these findings, a techno-economic analysis and 
life cycle assessment of the scaled-up results could provide 
information on the competitiveness compared to other tech-
nologies in the field of renewable energy generation, CO2 
storage and power-to-gas.
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