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Abstract
This research work proposes an integrated gasification plant for simultaneous generation of renewable electricity and 
drying of olive pomace, a thick sludge with a moisture content close to 60–70% (wet basis), which constitutes by far 
the most abundant by-product in the Spanish olive oil industry. Due to its massive rate of production and increasing 
associated transportation costs, olive pomace management currently represents a substantial expense for oil mills. The 
integrated gasification plant, which can be installed directly at oil mills, consists of a pelletizer, a downdraft gasifier 
under autothermal operation fueled with dried olive pomace pellets, a producer gas cooling and cleaning unit and a 
microturbine as power generation unit. The wet olive pomace continuously produced in oil mills is eventually dried in a 
co-current flow rotary drum dryer with the hot exhaust gases leaving the microturbine at temperatures close to 300 °C, 
allowing a self-sufficient operation of the integrated gasification plant. The integrated gasification plant was modeled 
using Aspen Plus® process simulator. The developed model was validated against experimental and simulation results 
of relevant works. Under optimum operating conditions, the electrical efficiency of the proposed plant is 18.8%, while 
the additional drying stage allows achieving an overall efficiency of 51.0%. Electricity consumption by the pelletizer and 
ancillary equipment represents 10–20% of the net electric power generation from the microturbine. However, since the 
integrated gasification plant is fueled with an inexpensive by-product of olive oil production that is massively produced 
on-site, the plant performance parameters are remarkably satisfactory.

Keywords  Olive pomace · Downdraft gasifier · Producer gas · Microturbine · Rotary drum dryer · Waste-to-energy

1  Introduction

The cultivation of olive trees (Olea europaea L.) for the 
production of olive oil is an established practice in the Medi-
terranean basin for millennia. The largest area under olive 
groves worldwide is currently located in Spain, with over 
2.5 million hectares [1], accounting for more than half of the 
total area dedicated to this crop in Europe. In terms of olive 
oil production, Spain is also the world’s leading country, 
with a yearly production of about 1.35 million metric tons on 
average in the last 10 years, representing around 50% of the 
world production [2]. The Spanish olive oil sector has a cen-
tralized distribution, with over 1800 olive mills in operation, 
being Andalusia the most representative region with about 
800 large and medium-size mills and approximately 75% of 
the national olive oil production [2, 3]. Up until the 1990s, 
the Spanish olive oil industry was based on the three-phase 
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decanting system [4]. Although three-phase decanters have 
the highest olive oil recovery efficiency, they produce the 
highest amount of waste streams [3]. After decades of sub-
stantial investments in the modernization of oil mills in order 
to reduce freshwater consumption and the quantity of olive 
mill waste streams, nowadays more than 90% of olive mills 
in Spain are based on the two-phase extraction process, 
which constitutes the main extraction system with over 95% 
of the total olive oil production [5]. However, the olive oil 
sector still faces additional challenges toward environmental 
sustainability concerning waste management and recovery, 
as well as energy efficiency improvement [6].

The Spanish olive oil industry generates a wide variety of 
wastes and by-products. Their rate of production and physico-
chemical properties depend on the olive oil extraction method. 
Olive pomace (also referred to as wet pomace, two-phase olive 
mill waste or alperujo) represents the most abundant residue in 
the Spanish olive oil industry due to its massive rate of produc-
tion in oil mills. After the two-phase extraction process, roughly 
70–75% by weight of processed olives becomes pomace, a thick 
sludge with a high moisture content (60–70%, wet basis) made 
up of olive pulp, skin, crushed pits and around 2–4% by weight 
of olive oil [4, 6, 7]. The main physicochemical properties of 
olive pomace are reported in Table 1 [8].

Olive pomace must be continuously transported to olive 
pomace oil extraction plants in cargo trucks, because its 
accumulation at oil mills can cause production stoppages 
and substantial economic losses [9]. In these plants, the 
wet olive pomace from oil mills is deposited in large ponds 
for subsequent drying and eventual extraction of crude 
olive pomace oil, generating exhausted olive pomace (also 
called orujillo) as a by-product. In order to extract the 
remaining olive oil contained in the wet pomace, a previ-
ous energy-intensive drying stage is required. The required 
thermal energy for such purpose is generally supplied by 
burning large amounts of exhausted pomace in furnaces or 
even by using fossil fuels such as natural gas in reciprocat-
ing internal combustion engines, leading to large amounts 
of carbon dioxide emissions into the atmosphere [10]. 
Drying of wet pomace has been traditionally performed in 
large-scale continuous rotary drum dryers through which 

an air stream at high inlet temperatures (400–800 °C) and 
velocities (1–7 m/s) is driven [9]. The dried pomace is 
eventually subjected to a solid–liquid extraction process 
of the crude pomace oil with an organic solvent, usually 
hexane.

As shown in Fig. 1, in recent years the increasing Span-
ish olive oil production has contributed to a sharp growth in 
the yearly production of wet olive pomace [2], which repre-
sents a remarkable increase in the associated management 
expenses for both oil mills and pomace oil extractors. It is 
noteworthy that until the 1990s, the Spanish olive oil produc-
tion was based on the three-phase extraction process, which 
yields a much smaller amount of a similar by-product known 
as three-phase olive mill waste or olive cake. This by-product 
from three-phase olive oil production is characterized by a 
moisture content of around 40–45% [4], while olive pomace 
has a moisture content close to 60–70% or even higher.

This research work proposes an alternative approach for 
olive pomace management, where the wet pomace being 
continuously produced in oil mills at high rates is directly 
dried on site, instead of being transported for subsequent 
drying in olive pomace oil extraction plants. The required 
heat for the drying process is supplied by means of the hot 
exhaust gases leaving a downdraft gasifier–microturbine 
combined system fueled with dried olive pomace pellets. In 
downdraft gasifiers, a carbonaceous solid fuel such as olive 
pomace is partially oxidized and converted into a gaseous 
fuel, usually termed as producer gas or synthesis gas (syn-
gas) [11, 12]. A gasifying agent (air, pure oxygen and/or 
steam) is required so as to transform the high-carbon solid 
feedstock into gaseous fuel through a series of exothermic 
and endothermic reactions, which determine four different 
stages depending on the temperature at which they occur: 
drying, pyrolysis, combustion/oxidation and reduction [11]. 
Gasification with air as gasifying agent is an autothermal 
process, whereby the exothermic combustion reactions pro-
vide enough energy for the endothermic reactions respon-
sible for the producer gas formation to take place. The pro-
ducer gas from gasification, once cooled and cleaned, can 
be used as fuel in gas engines or microturbines for electric 
and/or thermal power generation.

Table 1   Physicochemical 
properties of olive pomace 
(two-phase extraction process)

a wp = wet olive pomace, bdp = dried olive pomace.

Proximate analysis (wt.%) Ultimate analysis 
(wt.%, dry basis)

Other properties

Moisture (W), as received 60–70 (wp)a Carbon 51.3 LHV, as received (MJ/kg) 17.5
10–15 (dp)b Hydrogen 6.4 considering W = 12.5%

Ash, dry basis 5 Nitrogen 2.0 Ash melting point (°C)  > 1000
Volatile matter, dry basis 77.4 Sulfur 0.3 Bulk density (kg/m3) 780
Fixed carbon, dry basis 17.6 Oxygen (by 

difference)
35.0 Avg. particle size (mm) 1–5
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The performance of downdraft gasifiers coupled to micro-
turbines has already been addressed in a number of works 
[13–24], and allows the generation of electric power for self-
consumption on a distributed scale. However, so far, it is not 
known of a previous work aimed at developing an integrated 
gasification process for simultaneously generating electric 
power and drying wet olive pomace at an olive oil mill. Despite 
their lower net electrical efficiency, microturbines were chosen 
over spark-ignition engines as power generation unit due to 
their greater availability of thermal energy in the exhaust gases 
[25–27]. An effective use of the thermal energy contained in 
the exhaust gases for the drying process of wet olive pomace 
can significantly improve microturbine system economics. 
Although microturbines are more expensive than traditional 
gas engines, their maintenance requirements are much less 
strict [26], as a result of their compactness and fewer moving 
parts [27], with maintenance intervals ranging from 5000 to 
8000 h [28]. Additionally, the emissions of air pollutants such 
as carbon monoxide, unburned hydrocarbons and nitrogen 
oxides in the exhaust gases from microturbines are consider-
ably lower than those of a gas engine of similar size, operating 
on the same mass flow rate of producer gas [16].

2 � Plant description and process modeling

A schematic process flow diagram of the integrated gasi-
fication plant is presented in Fig. 2. The proposed plant 
consists of a pelletizing machine or pelletizer, a downdraft 

fixed bed gasifier fueled with dried olive pomace pellets, 
a producer gas cooling and cleaning unit, a microturbine 
for electric power generation and a co-current flow rotary 
drum dryer for drying wet olive pomace with the hot 
exhaust gases leaving the microturbine. For distributed 
power generation, air is preferred over pure oxygen as gas-
ifying agent. Although the energy density of the gaseous 
product increases significantly in case of substituting air 
with oxygen, an air separation unit is generally not consid-
ered for small-scale applications, because of the extremely 
high capital and operation costs offsetting any advantage 
[11, 14, 29]. The choice of a downdraft fixed bed gasifier 
is justified for the following reasons:

•	 Compared to fluidized bed and entrained flow gasifiers, 
fixed bed gasifiers are fairly simpler reactors and involve 
a considerably lower investment cost.

•	 Downdraft gasifiers are generally limited to low thermal 
input (< 1 MWth) and small-scale electric power genera-
tion [11], which is enough for electric self-sufficiency in 
most olive oil mills.

•	 As opposed to updraft gasifiers, a downdraft reactor con-
figuration leads to a cleaner and yet moderately energy-
dense producer gas (LHV = 4–7 MJ/Nm3) with a substan-
tially lower tar content (< 3 g/Nm3) [11, 12] and thus, 
more convenient for being supplied to microturbines 
after a mild cleaning stage. In fact, among all types of 
gasifiers, downdraft gasifiers have the lowest tar produc-
tion rate, with an average value of around 1 g/Nm3 [11]. 
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Fig. 1   Yearly production of virgin olive oil and wet olive pomace and/or cake in Spain since 1970
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Accordingly, a simpler and less robust gas conditioning 
unit with lower energy consumption is required due to 
the lower concentration of tar in the producer gas.

•	 Fixed bed gasifiers are more suitable for coarse and non-
fine particles (3–51 mm). Fine particles in downdraft 
gasifiers favor the formation of ash clinkers [30], which 
disturb the optimal flow in the gasifier bed, leading to 
pressure drop problems, low temperatures in the reduc-
tion zone and unstable operation. Therefore, the dried 
olive pomace must be pelletized in advance.

A large part of the particulate matter in the producer gas 
from the gasifier is separated in a cyclone. The hot producer 
gas is then sharply cooled down in a Venturi scrubber by 
spraying a pressurized water jet that also removes tars and 
inorganic impurities such as ammonia and alkali compounds 
(which dissolve readily in water). To conclude the cleaning 
stage, a series of filters eliminate mist and the remaining 

contaminants formed when vapors are cooled below their 
dew point, ensuring a suitable composition of the producer 
gas before entering the power generation unit. The clean 
producer gas is subsequently compressed and supplied to a 
microturbine in order to generate electric power. Finally, the 
hot exhaust gases discharged from the microturbine are used 
for drying wet olive pomace in a co-current flow rotary drum 
dryer, allowing a self-sufficient operation of the integrated 
gasification plant.

The integrated gasification plant for power generation 
and drying of olive pomace was implemented and modeled 
in Aspen Plus, a widely used process simulator in many 
research areas. Aspen Plus was chosen over other steady 
state process simulators because it has an extensive database 
of physicochemical properties and allows great flexibility in 
handling solids and non-conventional materials, as well as 
the option to insert customized statements in Fortran code. 
The enthalpy and density properties of non-conventional 

Char
Olive pomace
Water
Exhaust gas
Air
Producer gas

LEGEND

DOWNDRAFT
GASIFIER
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ELECTRIC
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ROTARY DRUM DRYER
DRIED OLIVE POMACE

PELLETIZER

Fig. 2   Design process flow diagram of the integrated gasification plant
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compounds (pomace and ashes) were estimated from the 
proximate, ultimate and sulfur analyses by means of the 
HCOALGEN and DCOALIGT methods [31]. Both mod-
els were originally developed for coal but are experimen-
tally validated for biomass with a good approximation. The 
HCOALGEN method includes different empirical correla-
tions to estimate heat of combustion, enthalpy of forma-
tion and specific heat; whereas the DCOALIGT method is 
based on the empirical correlations from the Institute of Gas 
Technology (IGT) to estimate density. The most usual physi-
cal property methods reported in the literature for modeling 
gasification processes are PR-BM and RKS-BM [18, 19, 24, 
32–35], both providing comparable results [36]. The Peng-
Robinson cubic equation of state with Boston-Mathias alpha 
function (PR-BM) was used to estimate all the thermody-
namic properties of the conventional components involved 
in the integrated process. The stream class was defined as 
MCINCPSD, since there were both conventional and non-
conventional streams with solid particles in the process [33, 
37, 38]. The following general model assumptions were 
made in the Aspen Plus process simulations:

•	 The integrated gasification plant is operating under 
steady-state conditions within a zero-dimensional and 
time independent approach where hydrodynamic effects 
are disregarded [14, 17–19, 24, 33–35, 37–39].

•	 Heat losses to the surrounding environment and pressure 
drops across all unit operations are neglected [19, 24, 
32–35, 37–39].

•	 All chemical reactions reach thermodynamic equilibrium 
conditions and reaction kinetics are not considered [14, 
17–19, 24, 33–35, 37–39].

•	 Environment and reference state definition according 
to IUPAC Standard Ambient Temperature and Pressure 
(SATP), namely, T0 = 25 °C and p0 = 1 bar.

Figure 3 displays the process flowsheet of the integrated 
plant for power generation and drying of wet pomace in 
Aspen Plus. It was divided into four distinguishable subsys-
tems: gasification, gas cooling and cleaning, electric power 
generation and drying of wet pomace. The detailed features 
of each subsystem are described hereinafter.

2.1 � Gasification

The gasification process was modeled assuming a down-
draft gasifier under autothermal operation, which means 
that the feedstock reacts with the gasifying agent and 
produces enough heat to sustain the high temperatures 
required for the endothermic reactions to occur. The main 
simplifications in the gasification process simulations are 
listed below:

•	 The residence time of the reactants is supposed to be 
long enough to reach chemical equilibrium [38]. Ther-
modynamic equilibrium models have been widely used 
for predicting the final composition of the producer gas 
in fixed bed reactors, especially in downdraft gasifiers. In 
practice, the residence time of the reactants is generally 
not long enough to attain a complete equilibrium. How-
ever, downdraft gasifiers are regarded to usually operate 
very close to equilibrium conditions [40], due to the high 
temperatures reached and the sufficiently long gas resi-
dence time in the reaction zone.
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Fig. 3   Process simulation layout of the integrated plant for power generation and drying of wet pomace in Aspen Plus
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•	 The gasifying agent is humid atmospheric air at standard 
ambient conditions with the following molar composi-
tion: 20.75% O2, 77.29% N2, 0.92% Ar, 0.03% CO2 and 
1.01% H2O (relative humidity is 60%) [41].

•	 The carbon conversion efficiency is 95%. Therefore, it 
is assumed that 5% of the carbon content in the feed-
stock remains unconverted and gets removed from the 
bottom of the gasifier together with ash [14, 17, 42, 43]. 
As a result, the carbonaceous residue discharged from the 
gasifier (char) is only made up of carbon and ash [38].

•	 Estimating the yield of tar is a challenge through a ther-
modynamic equilibrium model, because tar is typically 
a non-equilibrium product [39, 44]. Tar production rate 
depends on reaction temperature, relative amount of oxy-
gen and catalyst, if used [45]. Both yield and concen-
tration of tar in the producer gas can be minimized by 
controlling the flow rate of air into the gasifier [11, 17]. 
Catalysts can also facilitate tar reduction reactions either 
in the gasifier or downstream in a secondary reactor. 
Some catalysts that have proven effective in tar reduc-
tion are dolomite, alkali metal, nickel, olivine and char 
[11]. In accordance with other works in the scientific lit-
erature, predictions of tar yield in thermodynamic equi-
librium models are mostly empirical, regardless of the 
actual operating conditions of the gasifier [46]. In these 
models, tar is often not included in thermodynamic equi-
librium calculations and modeled as an inert compound 
(i.e., benzene, phenol and/or naphthalene) throughout the 
gasification process, where tar cracking and tar reduction 
reactions are not considered [14, 17, 39, 43, 44]. Thus, in 
order to reduce the complexity of the present model, tar 
formation was disregarded, since downdraft gasifiers are 
recognized for their very low tar content in the producer 
gas (< 3 g/Nm3) [11, 12, 24, 32–35, 37, 38, 42, 44].

•	 The reaction temperature must be above 700 °C, in 
order to achieve high carbon conversion efficiency 
and reduce tar formation [47]. Reaction temperatures 
above 800 °C in downdraft gasifiers are regarded to 
approach the equilibrium conditions with sufficient 
accuracy for thermodynamic considerations [14, 24, 
39, 42, 48].

•	 All nitrogen content in the feedstock is converted to 
either nitrogen (N2) or ammonia (NH3), and all sulfur 
content in the feedstock is converted to hydrogen sulfide 
(H2S) [37, 49]. Thus, it is assumed that air pollutants 
such as nitrogen oxides (NOX), sulfur oxides (SOX), car-
bonyl sulfide (COS), carbon disulfide (CS2) or hydrogen 
cyanide (HCN) are not produced in the gasification pro-
cess [38, 44]. In a real gasification plant, nitrogen mostly 
appears as N2, with minor amounts of NH3 and HCN 
[50], and about 93–96% of the sulfur appears as H2S, the 
remaining as COS, which are relatively easily removed 
in the producer gas cleaning stage [11].

In Aspen Plus, there is not a specific block able to repre-
sent the gasification process; hence, a combination of several 
blocks is necessary for modeling the downdraft gasifier [39]. 
The gasification process shown in Fig. 3 was considered to 
be comprised of three stages: drying, pyrolysis and gasifica-
tion. The gasification stage models the partial oxidation and 
reduction reactions.

The downdraft gasifier is supplied with dried olive pom-
ace pellets at standard ambient conditions. Accordingly, the 
feedstock to the gasifier was defined as the non-conventional 
solid stream DPOMACE in terms of the proximate and ulti-
mate analyses reported in Table 1, with an initial moisture 
content equal to 12.5% (wet basis). In the first stage of the 
gasification process, the moisture content of the feedstock 
is removed in block DRYING. The stoichiometric reactor 
(RStoic) was used to model the evaporation of moisture by 
calling an external Fortran subroutine [24, 32, 33]. The yield 
of water is given by the moisture content in the proximate 
analysis of the solid stream DPOMACE, which is evaporated 
in block HEATING and then separated in block DEMOIST 
through split fractionation of the components by using a 
separator (Sep). The dry pomace is placed into the next stage 
for decomposition after having already been separated from 
the evaporated moisture, which was drained out from the 
process. The heat of reaction associated with the drying 
stage was passed by a heat stream into block DECOMP, a 
non-stoichiometric yield reactor (RYield) wherein decom-
position occurs [32].

In the pyrolysis stage, block DECOMP was used to con-
vert the dry olive pomace into its constituent elements by 
specifying the yield distribution according to its ultimate 
analysis [32, 33, 38]. This function was performed through 
a user-programmed external Fortran statement. Char for-
mation was modeled in block SSOLID by separating a 
small fraction (5%) of carbon from the stream DECPROD 
as unconverted carbon, together with ash. The rest of the 
solid carbon together with the yield of volatiles make up 
the stream INGASIF, which proceeds to the last stage of 
the gasification process. The enthalpy of the outlet stream 
DECPROD was not equal to the enthalpy of the stream 
DRYFEED due to break up of chemical bonds. Therefore, 
the heat of reaction originated in the pyrolysis stage was 
transferred by a heat stream from block DECOMP into the 
next stage to replenish the difference in enthalpy [32, 35, 
37].

The last stage of the gasification process models the par-
tial combustion (oxidation) and gasification (reduction) reac-
tions using a thermodynamic equilibrium model based on 
Gibbs free energy minimization, the formulation of which 
is detailed in [38, 48]. At thermodynamic equilibrium, the 
system is considered to be at its most stable composition, 
which means that the entropy of system is maximized, while 
its Gibbs free energy is minimized. This modeling approach 
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is known as non-stoichiometric, because it is needless to 
specify any possible chemical reactions taking place. The 
only input to be specified is the elemental composition or 
ultimate analysis of the feedstock to be processed [32]. Non-
stoichiometric models are particularly suitable when all the 
possible reactions that can occur are unknown, as is the case 
of gasification. Hence, they are widely applied in the scien-
tific literature. Although thermodynamic equilibrium may 
not be completely attained within the gasifier, equilibrium 
models provide a reasonable prediction for the final com-
position of the producer gas. The Gibbs free energy mini-
mization model is implemented in block GASIF of Fig. 3 
by means of the multiphase equilibrium reactor (RGibbs) 
that assumes a complete chemical equilibrium. In this block, 
ambient air is introduced as gasifying agent through the 
stream AIRGASIF, together with the yield distribution from 
stream INGASIF, due to the inability of the Gibbs reactor to 
manage non-conventional components such as olive pomace.

The gasification process is governed by the air–fuel 
equivalence ratio (λ), which is defined as the actual oxi-
dizer–fuel ratio supplied to the downdraft gasifier in rela-
tion to the oxidizer–fuel ratio required for stoichiometric 
combustion [14].

For a given flow rate of fuel into the downdraft gasifier,

where ṅair is the mole flow rate of air as gasifying agent, 
yO2

 is the mole fraction of oxygen in the air, �cc is the car-
bon conversion efficiency and ṅC , ṅH , and ṅO are the mole 
flow rates of carbon, hydrogen and oxygen from the ultimate 
analysis of the feedstock to the gasification process [47]. 
A mixture with λ = 1 is at stoichiometry, for fuel-rich mix-
tures λ < 1 and for fuel-lean mixtures λ > 1. Hence, complete 
combustion occurs at an equivalence ratio of 1, so that most 
carbon in the feedstock is oxidized to provide the maximum 
concentration of carbon dioxide in the product stream [51]. 
The expression in Eq. (2) is derived from the general com-
plete combustion reaction of a solid fuel containing carbon, 
hydrogen and oxygen.

The mole flow rate of air in the stream AIRGASIF sup-
plied to the multiphase equilibrium reactor in block GASIF 
was controlled by a user-programmed external subroutine in 
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Fortran code according to Eq. (2). The air–fuel equivalence 
ratio was then adjusted within the usual range in downdraft 
gasifiers (λ = 0.20–0.45) [35, 37, 38, 52, 53]. The reaction 
temperature inside the gasifier was controlled by varying the 
equivalence ratio.

The gasification efficiency right at the outlet of the down-
draft gasifier is typically termed as hot gas efficiency (ηhg). 
By taking the sensible heat of the hot gas into account, it can 
be defined as follows:

where ṁhg and ṁdp represent the mass flow rates of hot pro-
ducer gas and dried olive pomace pellets, respectively. The 
hot gas efficiency only assumes the heating of the uncon-
verted char to be a loss [11].

2.2 � Producer gas cooling and cleaning

The direct use of the producer gas from the downdraft gasi-
fier with traces of tar, ash, moisture and other inorganic 
impurities is not feasible in microturbines, since it compro-
mises their structural integrity. These undesired constituents, 
if not removed, can cause severe damages and corrosion 
problems to all mechanical equipment [14]. Microturbines 
are particularly sensitive machines with stringent restrictions 
on the cleanliness of the producer gas in order to avoid dam-
age to the turbine blades (such as erosion, incrustation or 
corrosion) and blockage of filters and fuel injectors. Particu-
late and tar concentrations in the producer gas should there-
fore be below 5 mg/Nm3 [11]. For this reason, a producer 
gas cooling and cleaning unit must be included downstream 
of the gasifier, consisting of a cyclone, a Venturi scrubber 
and a series of filters.

As shown in Fig. 3, the raw producer gas at high tem-
perature from the downdraft gasifier, defined by the stream 
RAWGAS, was placed into block CYCLONE, where the 
solid particulate matter is partially removed. The separator 
SSplit was used to model the cyclone. The cyclone collection 
efficiency for different particle diameters and gas velocities 
typically ranges from 70 to 100% [54]. The average value of 
85% was used in this work [37]. The gaseous stream PROD-
GAS from the cyclone was transferred to block SCRUB-
BER, modeled as a Venturi scrubber gas–solid separator 
(VScrub). The scrubber is supplied with the hot producer 
gas and fresh water at standard ambient conditions, achiev-
ing drastic gas cooling and mass transfer of tar and inorganic 
impurities such as ammonia and hydrogen sulfide from the 
producer gas to the water stream [14, 17]. Rapid cooling in 
the scrubber also causes oversaturation of vapors and forma-
tion of mist in the cold producer gas of stream COLDGAS. 
This undesired mist is composed of small droplets of liquid 

(4)𝜂hg =
ṁhg(LHVhg + cp,hg(Thg − T0))

ṁdpLHVdp
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water and tar particles, which, if not removed from the pro-
ducer gas, would lead to significant damages downstream 
toward the power generation unit and a lower overall effi-
ciency. Therefore, tar and water mist, which for simplicity 
is considered composed only of water [35], must be sepa-
rated from the cold producer gas in block FILTER, defined 
as a gas–liquid separator (Sep) module [35], producing the 
almost mist-free stream CLEANGAS. As tar formation in 
the downdraft gasifier was disregarded in order to simplify 
the model, the gas conditioning unit is assumed to be able to 
comply with the rather strict requirements on the cleanliness 
of the producer gas for being supplied to the microturbine.

The gasification efficiency after the gas cleaning and 
cooling stage, commonly known as cold gas efficiency (ηcg) 
[11], was determined as follows:

where ṁcg and ṁdp represent the mass flow rates of clean 
producer gas and dried olive pomace pellets, respectively.

2.3 � Microturbine

A microturbine fueled with the clean producer gas from 
gasification was proposed for electric power generation on a 
distributed scale. The operating principle of microturbines is 
based on the recuperated Brayton cycle [25]. Current micro-
turbines can use either liquid or gaseous fuels, but they have 
strict requirements regarding the quality of the exhaust gases 
that are used to drive the turbine rotor, being intolerant to 
solid particles, droplets and other impurities [14, 18].

The microturbine power generation unit displayed in 
Fig. 3 consists of various unit operation blocks: fuel booster 
compressor, air compressor, recuperator, combustion cham-
ber and expansion turbine [25]. Since each component is 
separate and has a different task, they can be designed and 
tested individually. The fuel booster compressor in block 
GASCOMP brings the clean producer gas from the previ-
ous stage, defined as the stream CLEANGAS, to the operat-
ing pressure of the combustion chamber, resulting in stream 
COMPGAS. Likewise, an ambient air stream is compressed 
in block AIRCOMP to the operating pressure of the com-
bustion chamber and preheated in block RECUPER with 
the hot exhaust gases from the turbine discharge, producing 
the stream HCOMPAIR. The flow rate of the ambient air 
stream was controlled by a user-programmed external For-
tran statement. Both pressurized streams are mixed in block 
COMBUST, modeled as a multiphase equilibrium reactor 
(RGibbs), where complete combustion of the producer gas 
with excess air occurs at constant pressure. The equilibrium 
model assumes that the residence time in the combustor is 
sufficient to achieve complete combustion. The resulting 

(5)𝜂cg =
ṁcgLHVcg

ṁdpLHVdp

gas stream from the combustor (HOTGAS) at high pressure 
and temperature then expands in the microturbine to atmos-
pheric pressure while producing mechanical power, which 
can later be transformed into electric power by coupling an 
electric generator. The exhaust gases discharged from the 
microturbine at ambient pressure and yet a relatively high 
temperature are designated as stream EXPGAS. The elec-
trical efficiency of the power generation unit is moderately 
increased with a recuperator (block RECUPER), which is a 
gas-to-air counter-current heat exchanger (HeatX) located 
between the compressor and the combustor, using excess 
heat from the exhaust gases leaving the microturbine to pre-
heat air for the combustor. Finally, the stream EXHAUST 
from the recuperator is still at temperatures close to 300 °C 
and will be used in the last stage of the integrated process 
for drying wet olive pomace in a co-current flow rotary drum 
dryer.

Microturbines are generally designed and commercialized 
for fuels with high energy content such as natural gas, diesel 
or biogas. However, there are a number of simulations and 
experimental works related to the use of the producer gas 
from gasification as fuel for microturbines [14–23]. Typi-
cal values for performance parameters used in the system 
calculations are reported in Table 2 [14, 17–19].

In the gas turbine industry, the fuel–air equivalence ratio 
(φ) is typically used when discussing the mixture of air and 
fuel. It refers to the amount of excess air present in the com-
bustion chamber in relation to the amount of air required 
for stoichiometric combustion, with values less than 1 indi-
cating presence of excess air and greater than 1 indicating 
excess fuel. It is well established that emissions of nitrogen 
oxides increase with temperature. Current low-emission 
combustion systems tend to operate with a high amount 
of excess air (i.e., equivalence ratios well below 1, down 
to about 0.1–0.2 in recuperated cycle configurations [55, 
56]) to help minimize combustion temperatures responsible 
for high formation rates of nitrogen oxides. Furthermore, if 
turbine inlet temperatures rise above 900 °C, costly mate-
rials and complex cooling systems for the turbine blades 

Table 2   Microturbine simulation specifications based on typical per-
formance parameters

Subsystem Parameter Value Unit

Gas turbine Isentropic efficiency (ηi) 84.1 %
Mechanical efficiency (ηm) 97.0 %
Turbine inlet temperature (TIT) 750–900 °C
Turbine exhaust temperature  ~ 300 °C

Compressors Isentropic efficiency (ηi) 79.6 %
Mechanical efficiency (ηm) 97.0 %

Generator Electricity generation efficiency (ηgen) 90.0 %
DC/AC conversion efficiency (ηDC/AC) 97.0 %
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are required, thereby increasing the capital expenditure and 
maintenance costs [14, 17]. The fuel–air equivalence ratio is 
related to the air–fuel equivalence ratio (defined previously) 
as follows:

In this work, the airflow rate was selected in order to 
reach a minimum value for λ equal to 6, which means that 
the actual oxidizer–fuel ratio is at least six times the stoi-
chiometric oxidizer–fuel ratio (λ ≥ 6) [13, 14, 17]. The mass 
flow rate of air required for stoichiometric combustion was 
calculated by means of the main oxidation reactions that 
occur in the microturbine combustion chamber:

The net electric power (Pe) and net electrical efficiency 
(ηe) of the gasifier–microturbine system are given by the 
following equations:

where Pturb and Pcomp represent the turbine and compressors 
mechanical power, respectively, ηgen is the generator electrical 
efficiency and ηDC/AC is the DC/AC power conversion efficiency 
[14, 17]. The main parameters affecting the net electrical effi-
ciency are the compressor pressure ratio (Π), defined as the ratio 
of the stagnation pressure at the front and rear of the microtur-
bine compressor, and the turbine inlet temperature (TIT). How-
ever, both parameters can only be increased up to certain limits, 
dictated by material tolerances and the cost of manufacturing.

2.4 � Rotary drum dryer

The drying process of wet olive pomace consists of a 
rotary drum dryer and a source of thermal energy in the 
form of hot exhaust gases discharged from the microtur-
bine, as shown in Fig. 3. The convective dryer models 
the evaporation of moisture from the wet solid feedstock 
into the exhaust gas stream with the aim to reduce the 
moisture content of the feedstock to an acceptable level. 
This evaporation process requires a large amount of energy 

(6)𝜑 =
1

𝜆
=

(

ṁfuel

ṁO2

)

actual
(

ṁfuel

ṁO2

)

stoich

(7)2 CO + O2 → 2 CO2

(8)2 H2 + O2 → 2 H2O

(9)CH4 + 2 O2 → CO2 + 2 H2O

(10)Pe = �DC∕AC�gen(Pturb − Pcomp)

(11)𝜂e =
Pe

ṁdpLHVdp

because moisture has a high enthalpy of vaporization [57]. 
In directly heated dryers, the amount of water evaporating 
from the solid phase corresponds to the increase in humid-
ity of the drying gas [58],

where X1 and X2 represent the moisture contents (dry basis) 
of solids at the dryer inlet and outlet, respectively; Y1 and Y2 
are the inlet and outlet gas humidity contents, respectively; 
and ṁeg is the mass flow rate of drying exhaust gas. The 
enthalpy balance of the convective dryer is given by the fol-
lowing equation:

where hs, hw and heg are the specific enthalpies of dry solid, 
water and exhaust gas, respectively. Subscripts 1 and 2 indi-
cate the dryer inlet and outlet, respectively.

Rotary drum dryers can be divided into co-current and 
counter-current types, depending on the flow direction of 
the drying gas. Although counter-current rotary drum dry-
ers can lead to products with a lower moisture content, 
their risk of catching fire and releasing volatiles to the 
environment is substantially higher [59, 60]. Moreover, 
the vast majority of industrial rotary drum dryers operate 
in a co-current or parallel flow direction [61, 62]. Thus, a 
co-current rotary drum dryer was modeled in this work, 
where wet olive pomace with a high moisture content 
(65%, wet basis) and the hot exhaust gases from the micro-
turbine discharge flow through the dryer in a co-current 
flow direction. This immediately puts the wet olive pom-
ace in contact with the hot drying gas, resulting in quick 
initial drying and rapid cooling of the drying gas. The 
inlet temperature of the drying gas was considered equal 
to the turbine exhaust temperature (300 °C). The residence 
time of the wet olive pomace was set so as not to exceed 
the average residence time of a typical rotary drum dryer 
of about 20 min [59, 61, 63]. The mass flow rate of wet 
pomace was adjusted in order to obtain a product with a 
moisture content of 12.5% (wet basis) at the dryer outlet.

A directly heated co-current flow rotary drum dryer 
operating in steady-state conditions with no heat loss was 
considered for the simulation. A convective solid dryer 
block was selected from the available solid unit operations 
in Aspen Plus. Drying kinetics data are essential in the siz-
ing of industrial drying equipment. The convective dryer 
model in Aspen Plus is based on the dimensionless char-
acteristic drying curves proposed by Van Meel [64, 65]. 
The parameters required for modeling the drying kinetics 
of wet olive pomace in Aspen Plus are the mass transfer 
coefficient (β), the heat transfer coefficient (α), the criti-
cal moisture content (Xc) of the feedstock, the equilibrium 

(12)ṁs(X1 − X2) = ṁeg(Y2 − Y1)

(13)
ṁs(hs,1 + X1hw,1) + ṁegheg,1 = ṁs(hs,2 + X2hw,2) + ṁegheg,2
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moisture content (Xe) and the drying curve of a falling-rate 
drying period [59, 60, 66]. The kinetic data for drying of 
wet olive pomace were obtained from [9]. The mass and 
heat transfer coefficients were calculated from Eqs. 14 and 
15. In order to calculate the Sherwood, Lewis, Schmidt 
and Reynolds numbers, the drying gas diffusivity (δeg), 
density (ρeg) dynamic viscosity (μeg), specific heat (cp,eg) 
and thermal conductivity (keg) were obtained by using the 
stream analysis of Aspen Plus. The diameter required to 
calculate the mass transfer coefficient and Reynolds num-
ber was replaced with Sauter mean diameter (d32) and the 
median particle diameter (dm) of wet olive pomace, respec-
tively [59, 60]. The velocity of the drying gas for calcula-
tion of heat and mass transfer coefficients (typical range 
from 0.5 to 2.5 m/s) was selected as the average value of 
1.5 m/s [59].

There are different efficiency terms for rotary drum 
dryers reported in the literature such as drying thermal 
efficiency and drying energy efficiency [66]. The drying 
thermal efficiency (ηth) was calculated as the ratio of the 
energy used for the moisture evaporation to the total ther-
mal energy input for drying. The drying energy efficiency 
(ηdry) was conveniently defined in this work as the ratio 
of the energy used for moisture evaporation to the energy 
content in the feedstock to the integrated gasification plant. 
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Finally, the overall efficiency of the integrated plant (ηo) 
was determined as the ratio of the useful energy outputs 
(electrical energy and moisture evaporation) to the net 
energy input to the gasifier.

3 � Results and discussion

In this section, the results of the Aspen Plus simulations are 
presented and discussed in order to evaluate the performance 
of the proposed integrated plant operating in steady state 
with the assumptions cited in the previous section. All the 
unit operations and streams included in the process were 
sized considering that the downdraft gasifier is supplied 
with dried olive pomace pellets (12.5% moisture content, 
wet basis) at a constant rate of 300 kg/h. A nominal electric 
power consumption of 33 kWe was assumed for pelletization 
of the dried olive pomace, as specified in the manufacturer’s 
data sheet of an industrial pelletizer with a production capac-
ity of 200–500 kg/h. Thus, the specific energy consumption 
for pelletization of 300 kg/h of dried olive pomace is esti-
mated at 0.11 kWh/kg, which lies within the reported range 
of specific energy consumption for pelletization of biomass 
blends [67].

3.1 � Gasification

The chemical composition and yield of producer gas in 
gasification processes are governed by a number of vari-
ables, such as the reaction temperature, the equivalence 
ratio and the physicochemical properties of the feedstock: 
proximate and ultimate composition, particle size distri-
bution and moisture content. In autothermal gasifiers, the 
reaction temperature is a dependent variable of the relative 
amount of oxidizer or herein referred to as equivalence 
ratio. Therefore, both parameters have a combined influ-
ence on the composition and heating value of the producer 
gas. The effect of the air–fuel equivalence ratio (λ) on the 
gasification temperature is illustrated in Fig. 4a). It can be 
observed that λ must be at least 0.33 for the gasification 
temperature to reach 700 °C, thereby ensuring a low tar 
content in the producer gas composition (< 3 g/Nm3). In 

(22)𝜂th =
ṁwΔHvap

ṁegcp,eg(Teg − T0)

(23)𝜂dry =
ṁwΔHvap

ṁdpLHVdp

(24)𝜂o =
𝜂DC∕AC𝜂gen(Pturb − Pcomp) + ṁwΔHvap

ṁdpLHVdp
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addition, as mentioned earlier, the gasification temperature 
should be above 800 °C in order to apply thermodynamic 

equilibrium models with sufficient accuracy [48]. A gasi-
fier reaction temperature of 800 °C can be attained by set-
ting the equivalence ratio at 0.363.

Figure 4b presents the molar composition and lower heat-
ing value of the cold producer gas (after passing through 
the cooling and cleaning units) on a dry basis as a func-
tion of the air–fuel equivalence ratio (λ), which was varied 
over a range of values from 0.20 to 0.45. Worthy of note 
is that thermodynamic equilibrium models can reasonably 
predict the producer gas composition assuming that a com-
plete equilibrium is reached, which is certainly not the case 
for downdraft gasifiers operating at temperatures below 
800 °C as a result of the slow reaction kinetics. Therefore, 
the producer gas composition and heating values shown in 
Fig. 4b are those expected at thermodynamic equilibrium 
and do not apply for the downdraft gasifier of the present 
work operating at values of λ below 0.33. In other words, the 
smaller the air–fuel equivalence ratio, the lower is the gasifi-
cation temperature and the further away are all the predicted 
performance parameters from the actual values.

As discussed above, higher values of λ lead to higher 
gasification temperatures, which are conducive to products 
of endothermic reactions, according to Le Chatelier’s prin-
ciple. Hence, an increase in the gasification temperature 
typically leads to a producer gas with higher contents of 
hydrogen and carbon monoxide [32, 35, 37]. By contrast, the 
contents of carbon dioxide and methane follow an opposite 
trend with increasing gasification temperatures, as a result 
of the prevalence of steam reforming reaction over water gas 
shift forward reaction [24]. The concentration of methane 
is usually negligible in thermodynamic equilibrium models 
at temperatures above 800 °C, because the methane forma-
tion reaction is exothermic [68]. In practice, however, the 
producer gas generally does not achieve complete equilib-
rium composition in downdraft gasifiers, as indicated by the 
presence of a higher methane content than predicted [37, 
39]. Despite the favorable effects of higher temperatures 
toward the formation of products of endothermic reactions, 
Fig. 4b shows that the growing availability of oxygen with 
increasing values of λ ultimately results in lower contents 
of hydrogen and carbon monoxide in the producer gas due 
to the formation of water vapor and carbon dioxide [38]. 
Additionally, an increasing equivalence ratio leads to a 
larger presence of inert gases such as nitrogen and argon in 
the producer gas composition. The pronounced decline in 
the lower heating value of the cold producer gas is mostly 
explained by the nitrogen dilution effect and the reduction 
in the contents of carbon monoxide and hydrogen, which 
are increasingly oxidized to carbon dioxide and water vapor, 
respectively, as the equivalence ratio proceeds toward stoi-
chiometric combustion.

The effect of the air–fuel equivalence ratio on the hot 
and cold producer gas efficiencies is shown in Fig. 4c. The 
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Fig. 4   Effect of the equivalence ratio on a) the gasification tempera-
ture, b) the composition and heating value of the clean producer gas, 
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steady decline in the cold gas efficiency (ηcg) is justified 
by the drastic drop in the lower heating value of the clean 
producer gas with increasing values of λ, which is partially 
offset by the increasing flow rate of producer gas. By con-
trast, the hot gas efficiency (ηhg) remains stable at about 95% 
because increasing values of λ lead to higher temperatures 
of the producer gas. The increase in thermal energy of the 
producer gas is theoretically able to balance out the declin-
ing lower heating value [41, 69]. Nevertheless, in practice, 
higher gasification temperatures also involve greater ther-
mal losses to the environment as radiation and convection, 
leading to smaller hot gas efficiencies than those displayed 
in Fig. 4c.

The thermodynamic equilibrium model of the downdraft 
gasifier developed in the present work was validated by 
comparison of the current predictions with the experimental 
results of Jayah et al. [70]. This work has been widely used 
in the scientific literature for validation of thermodynamic 
equilibrium models of downdraft gasifiers [21, 32, 38, 39, 
47, 48, 68]. In their experiments, rubber wood was supplied 
to a downdraft gasifier at atmospheric pressure and a gasifi-
cation temperature of 900 °C using air as gasifying agent. In 
order to validate the thermodynamic equilibrium modeling 
approach for the downdraft gasifier of the present work oper-
ating at temperatures above 800 °C, three different air–fuel 
ratios were considered for comparison of the producer gas 
molar composition, namely 2.03, 2.20 and 2.37. Air–fuel 
ratios were simply defined as the mass flow rate ratio of air 
to fuel, regardless of combustion stoichiometry. As shown 
in Fig. 5, the predicted values for the molar fractions of 
the main species that constitute the producer gas using the 
thermodynamic equilibrium model implemented in Aspen 
Plus are mostly in good agreement with the experimental 
results of Jayah et al. [70]. As expected, major deviations 

are always obtained for the concentration of methane. The 
experimental values of methane concentration are in the 
range of 1.1–1.4%, whereas the model predictions are very 
close to zero. As complete thermodynamic equilibrium is 
not attained in downdraft gasifiers, the measured concen-
tration of methane cannot be explained based on a purely 
thermodynamic equilibrium model [48, 68]. However, 
the comparisons with experimental results reveal that the 
developed thermodynamic equilibrium model is sufficiently 
reliable for the purpose of the present work, since methane 
has the lowest concentration among the main species in the 
producer gas.

Hereinafter, a gasifier reaction temperature of 800 °C 
was considered by setting the air–fuel equivalence ratio at 
0.363, thereby ensuring sufficient accuracy in approaching 
equilibrium conditions in addition to a low tar content in 
the producer gas composition. Under such conditions, the 
yield of producer gas is 765 Nm3/h, with the following molar 
composition: 24.5% CO, 20.0% H2, < 0.1% CH4, 6.7% CO2, 
48.2% N2 and 0.5% Ar. Consequently, the lower heating 
value of the producer gas is 5.25 MJ/Nm3, and the cold gas 
efficiency (ηcg) is equal to 76.5%.

3.2 � Microturbine

The main performance parameters of the power generation 
unit, such as compressor pressure ratio, fuel–air equivalence 
ratio, turbine inlet temperature and net electrical efficiency, 
were evaluated in order to maximize the electric power gen-
eration. Figure 6 shows the dependence of the net electri-
cal efficiency (ηe) with the compressor pressure ratio (Π) at 
different turbine inlet temperatures (TIT = 750 °C, 800 °C, 
850 °C and 900 °C). It can be observed that, for a particular 
turbine inlet temperature, the net electrical efficiency of the 
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Fig. 5   Validation of the present gasification model with the experimental results of Jayah et al. [70]
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gasifier–microturbine system first improves with increasing 
values of Π up to a maximum value and then decreases with 
further increase of Π. This is because increasing values of 
Π cause increments in the power generated by the micro-
turbine and the power consumed by the compressor in the 
power generation unit. At lower values of Π, the increment 
of power generated by the turbine is leading, and thus, the 
net power increases. At higher values of Π, the increment of 
power consumed by the compressor is dominant, and hence, 
the net power decreases. Higher turbine inlet temperatures 
lead to higher electrical efficiencies at all values of Π. As a 
result, the net electrical efficiency is maximized at 15.2%, 
17.0%, 18.8% and 20.4% for turbine inlet temperatures of 
750 °C, 800 °C, 850 °C and 900 °C, respectively. The opti-
mum operating conditions were found for pressure ratios 

from 3.8 to 5.0. However, when turbine inlet temperatures 
approach 900 °C, expensive and complex cooling systems 
are required, thereby increasing the capital expenditure and 
maintenance costs of the power generation unit [14, 17]. 
Therefore, under a conservative perspective, the turbine inlet 
temperature was finally adjusted to 850 °C by setting the 
fuel–air equivalence ratio (φ) at 0.12, achieving a net elec-
tric power generation of about 275 kWe, with an optimum 
electrical efficiency of 18.8% at a pressure ratio equal to 4.7.

The net electrical efficiency of the gasifier–microturbine 
system is comparable to that of previous works [14, 17, 18, 
20, 22]. Even though a rather lower electrical efficiency is 
attained with respect to that of a conventional microtur-
bine fueled with high-quality fossil fuels such as natural 
gas, the gasifier–microturbine system of the present work 
is ultimately fueled with an inexpensive solid feedstock 
of renewable nature that is massively produced on site. It 
is noteworthy that olive oil mills are currently spending a 
substantial part of their incomes in order to dispose of the 
wet olive pomace. The net electric power of the integrated 
gasification plant considering the electricity consumption by 
the pelletizer and all the ancillary equipment is estimated at 
around 220–250 kWe or roughly 10–20% of the net electric 
power generation from the microturbine. Lastly, the volume 
flow rate of hot exhaust gases discharged from the micro-
turbine is about 15,800 m3/h at 300 °C, constituting a yet 
available thermal power of roughly 800 kWth.

3.3 � Rotary drum dryer

The feedstock to be dried in the co-current flow rotary 
drum is wet olive pomace, the moisture content (wet 
basis) of which is quite variable throughout the year, usu-
ally ranging between 60 and 70%, although sometimes 
reaching higher values up to about 80% moisture content. 
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Fig. 7   Effect of the moisture 
content of wet olive pomace at 
the dryer inlet on the yield of 
dry pomace
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Figure 7 shows the results of a performance analysis with 
different moisture contents of the feedstock ranging from 
60 to 80%. The wet olive pomace from oil mills is dried 
with the hot gases from the microturbine exhaust down 
to a 12.5% moisture content in order to be supplied into 
the downdraft gasifier in a self-sufficient process. As illus-
trated, the higher the moisture content of the feedstock to 
the rotary drum dryer, the lower the mass flow rates of wet 
feedstock and dried product. It is noteworthy that if the 
initial moisture content of wet pomace is greater than 75%, 
the mass flow rate of dried pomace becomes insufficient 
to feed the downdraft gasifier in a self-sustaining process. 
Considering from here on an average moisture content of 
65% [4], the mass flow rate of wet olive pomace into the 
rotary drum dryer was approximately 1250 kg/h, yielding 
about 500 kg/h of dried product. This represents a surplus 
of around 200 kg/h over the mass flow rate of dried pomace 
consumed by the downdraft gasifier.

The main performance parameters of the co-current 
flow rotary drum dryer are outlined in Table 3. The diam-
eter of the dryer drum or shell was estimated at approxi-
mately 2 m by considering the volume flow rate of hot 
exhaust gas at the dryer inlet. As rotary drum dryers 
typically have a length to diameter (L/D) ratio ranging 
between 4 and 10, the selected L/D ratio was 7, the aver-
age value [57, 60]. Consequently, a 14-m long rotary drum 
dryer was modeled in this work [66]. In practice, the opti-
mal sizing of the dryer should consider its cost, together 
with the temperature and moisture content of the outlet 
streams. However, different geometries for the dryer are 
acceptable as long as the temperature and outlet moisture 
content of the feedstock and drying gas are in a reasonable 
range [66]. The residence time of the wet olive pomace 
was set as the average value in a typical rotary drum dryer 
of 20 min [59, 61, 63]. The drying thermal efficiency (ηth), 
determined according to Eq. (22), was 58.8%, which lies 
very close to the value reported in [66], and within the 
typical 35–70% range of drying thermal efficiencies for 
rotary drum dryers [57]. The rest of the available thermal 
energy in the hot exhaust gases was lost through the dryer 
body and vent to the atmosphere. The energy efficiency 

of the drying stage (ηdry), calculated as shown in Eq. (23), 
was 32.2%. This value adds up to the previously deter-
mined electrical efficiency of the integrated gasification 
plant (ηe = 18.8%), resulting in a satisfactory overall effi-
ciency (ηo) of 51.0%.

Finally, the temperature and moisture content profiles of 
the drying exhaust gas and the wet olive pomace along the 
dryer length are displayed in Fig. 8. The temperature of the 
exhaust gas decreases drastically as its humidity increases, 
leading to a substantial reduction in the moisture content 
of olive pomace along the dryer. According to Eq. (12), the 
mass flow rate of moisture evaporating from the wet olive 
pomace must correspond to the increase in humidity of the 
drying gas. The initial moisture content of the wet olive 
pomace to be dried in the co-current rotary drum dryer was 
65% on a wet basis (1.857 kg water/kg dry solid), while the 
drying exhaust gas was continuously discharged from the 
microturbine with an absolute humidity of 0.019 kg water/
kg dry gas. The moisture content of the solid feedstock was 
reduced down to 12.5% on a wet basis (0.143 kg water kg/
dry solid) and the absolute humidity of the drying exhaust 
gas at the dryer outlet was 0.096 kg water/kg dry gas, cor-
responding to a relative humidity of about 12.3%. The dryer 
thermal requirement was approximately 3.8 MJ/kg of evapo-
rated water, which lies within the reported range for indus-
trial rotary drum dryers [71].

3.4 � Overall energy balance

In order to provide an overview of the energy flows and 
losses, a power loss evaluation of the integrated gasifica-
tion plant was performed. Figure 9 conveniently displays the 
overall energy balance of the integrated gasification plant in 
a Sankey diagram. As can be observed, 51.0% of the input 
chemical energy in the feedstock to the downdraft gasifier 
is converted into electric power (ηe = 18.8%) and useful 
heat for moisture evaporation (ηdry = 32.2%). The remain-
ing 49.0% of the energy flow represents thermal losses in the 
form of heat release toward the environment through various 
units of the integrated gasification plant. The major sources 
of power losses are the producer gas cooling and cleaning 
unit (18.4%) and the rotary drum dryer (22.7%). Heating of 
unconverted carbon and ashes in the charcoal discharged 
from the gasifier constitutes the next source of energy losses 
in terms of importance (5.1%). Power conversion losses in 
the electric generator of the microturbine only represent 
2.7% of the input energy flow. Electricity consumption by 
the pelletizer and rest of ancillary equipment is estimated at 
approximately 14.5% of the net electric power generation 
from the microturbine. As a result, the net electric power for 
self-consumption by the olive oil mill is estimated at 16.1% 
of the input energy flow.

Table 3   Dryer simulation specifications and performance parameters

Parameter Value Unit

Dimensions (diameter × length) 2 × 14 m × m
Mass flow rate of wet feedstock (W = 65%) 1250 kg/h
Mass flow rate of dried product (W = 12.5%) 500 kg/h
Thermal energy supply 800 kW
Residence time 20 min
Drying thermal efficiency (ηth) 58.8 %
Drying efficiency (ηdry) 32.2 %
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4 � Economic feasibility assessment

This last section aims at demonstrating the economic feasi-
bility of an integrated gasification plant with a net electric 
power of about 220–250 kWe for the olive oil industry. The 

following assumptions were considered for the economic 
feasibility assessment:

•	 The integrated gasification plant operates continuously 
during approximately 4 and a half months, spanning 

Fig. 8   Temperature and mois-
ture content profiles of the wet 
olive pomace and the drying 
exhaust gas along the co-current 
rotary drum dryer

0 1 2 3 4 5 6 7 8 9 10 11 12 13 14
Position along the dryer, L (m)

0

50

100

150

200

250

300

Te
m

pe
ra

tu
re

,T
 (

C
)

Temperature of exhaust gas, Teg
Temperature of olive pomace, Twp

0 1 2 3 4 5 6 7 8 9 10 11 12 13 14
Position along the dryer, L (m)

0.0

0.5

1.0

1.5

2.0

M
oi

st
ur

e 
or

 h
um

id
ity

, X
or

Y
(k

g 
w

at
er

/k
g 

dr
y 

so
lid

 o
r g

as
)

Humidity of exhaust gas, Yeg
Moisture of olive pomace, Xwp

Fig. 9   Sankey diagram of the 
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the whole olive oil production period. The gasification 
plant only requires two monthly maintenance stops.

•	 The cost of a gasification plant of similar size (370,000 
€) was directly consulted with manufacturers. The cost 
of the microturbine is estimated at roughly 1000 €/kWe 
[72], while the cost of the co-current flow rotary drum 
dryer (200,000 €) and pelletizer (50,000 €) were con-
sulted with a local manufacturer. The fixed and installa-
tion costs of the gasification plant (civil works, electrical 
and mechanical assemblies) are estimated as 20% of the 
total investment. As a result, the turnkey cost of the inte-
grated gasification plant is estimated at 1,074,000 €.

•	 Non-refundable subsidies from public funding organizations 
are currently available for sustainable small and medium 
size companies. These subsidies, which can fund up to a 
40% of the total investment, may be provided by the Center 
for the Development of Industrial Technology (CDTI) at 
national level in Spain or by the Andalusian Energy Agency 
at regional level in the Autonomous Community of Anda-
lusia. A 35% non-refundable subsidy was considered in this 
work [73].

•	 The gasification plant is intended for self-consumption of 
renewable electricity, as established in the Spanish law 
(Royal Decree 244/2019) [74], leading to a substantial 
reduction in the variable term of the cost of electricity 
for most olive oil mills.

•	 Another by-product affecting the profitability potential 
of the gasification technology in the olive oil industry is 
the charcoal discharged from the downdraft gasifier, also 
known commercially as biochar. The average sale price 
of this by-product from gasification in international mar-
kets is estimated at around 0.15 €/kg [75, 76]; whereas in 
England, for instance, a higher sale price ranging between 
0.16 and 0.48 €/kg has been reported [77]. One of the 
reasons for the high variability in the sale price of this 
by-product is the wide variation in its physicochemical 
characteristics, as well as its diversity of potential uses and 
associated markets [76]. To this end, biochar certification 
standards by organizations such as the International Bio-
char Initiative (IBI) and the European Biochar Certificate 
(EBC) are available [78]. Among the criteria considered 
by these standards are the carbon content, molar H/C ratio, 
surface area and concentration of contaminants such as 

Table 4   Input parameters 
and results of the economic 
feasibility assessment of the 
integrated gasification plant

Value Unit

Plant performance parameters
  Gross electric power 275 kWe

  Net electric power 220–250 kWe

  Available thermal power 800 kWth

  Consumption of wet feedstock (W = 65%) 300 kg/h
  Working hours 3,100 h/year
  Plant operational lifespan 15 years
  Biochar production 6.5 % on input biomass

Economic parameters
  Annual rate of discount 1.5 %
  Estimated turnkey cost of the gasification plant 1,074,000 €
    • Gasifier + cooling and cleaning unit 370,000 €
    • Microturbine 275,000 €
    • Rotary drum dryer 200,000 €
    • Pelletizer 50,000 €
    • Installation, assembly and commissioning 179,000 €
  Non-refundable subsidies 35 % of total investment
  Total oil mill capital investment 698,100 €
  Operation and maintenance cost 0.01 €/kWh
  Labor hiring cost 20,000 €/year
  Electricity self-consumption, sale price 0.10 €/kWh
  Biochar, sale price 0.15 €/kg
  Transportation costs of wet olive pomace, savings 6 €/t

Results
  Payback period 7–9 years
  Payback period (without hiring cost) 6–8 years
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heavy metals, polycyclic aromatic hydrocarbons (PAHs), 
polychlorinated biphenyls (PCB), dioxins and furans.

•	 The savings in the transportation costs of wet olive pomace are esti-
mated at 6 €/t, considering an average distance between the olive oil 
mill and the olive pomace oil extraction plant of about 50 km.

•	 The integrated gasification plant may involve hiring a part-time 
employee for permanent operation and maintenance works. In 
such case, a hiring cost of 20,000 €/year was considered.

•	 Finally, the annual rate of discount was assumed equal to 1.5%.

The input data and results of the economic feasibility 
assessment are reported in Table 4.

Table 4 reveals that, if a new part-time operation and 
maintenance job is created, the investment shows a reason-
able payback period ranging between 7 and 9 years. How-
ever, if the already available operation and maintenance 
staff in most olive oil mills receive sufficient training on the 
gasification technology, the return on investment could be 
reduced down to about 6–8 years. Under both circumstances, 
the investment would provide a net present benefit (NPV) 
above 500,000 € during the plant operational lifespan.

5 � Conclusions

This research work proposes an integrated gasification plant 
as an alternative approach for the current management of wet 
olive pomace, a waste stream that is produced at massive rates 
and represents an increasing expense for Spanish oil mills, 
because it must be continuously transported to olive pomace 
oil extraction plants in order to avoid production stoppages. 
The integrated plant consists of a pelletizer, a downdraft gasi-
fier fueled with dried olive pomace pellets, a producer gas 
cooling and cleaning unit, a microturbine and a co-current 
flow rotary drum dryer. Apart from the electric power genera-
tion for self-consumption in the microturbine, the hot exhaust 
gases discharged at temperatures close to 300 °C can be used 
for drying wet olive pomace in the rotary drum dryer, allowing 
a self-sufficient operation of the integrated gasification plant. 
A comprehensive process simulation model was developed in 
Aspen Plus to conduct the mass and energy balances of the 
proposed plant. The model was validated against experimental 
and simulation results of relevant works. The simulation results 
show an electrical efficiency of 18.8% under optimum operating 
conditions, while the drying stage allows achieving a satisfac-
tory overall efficiency of 51.0%. The plant performance param-
eters are reasonably good, considering that an inexpensive wet 
by-product of olive oil production that is mass-produced on-
site is used as feedstock for renewable electricity generation. 
Accordingly, the integrated gasification plant is regarded as an 
interesting and potentially feasible option for most oil mills to 
invest in electric self-sufficiency through waste management 
and recovery. The developed model could be used to conduct 

more detailed process economics and safety assessments of a 
prospective commercial scale plant.

Nomenclature

cp: Mass heat capacity (kJ·kg−1·K−1); dm: Median particle 
diameter (m); d32: Sauter mean diameter (m); h: Specific 
enthalpy (kJ·kg−1·K−1); ΔHvap: Enthalpy of vaporization of 
water (kJ·kg−1); ṁ: Mass flow rate (kg·h−1); ṅ: Mole flow 
rate (kmole·h−1); k: Thermal conductivity (kW·m−1·K−1); 
LHV: Lower heating value (MJ·kg−1 or MJ·Nm−3); p: Pressure 
(kPa); P: Power (kW); T: Temperature (K); TIT: Turbine inlet 
temperature (°C); u: Velocity (m·s−1); W: Moisture, wet basis 
(kg water/kg mixture); X: Moisture, dry basis (kg water/kg 
dry solid); y: Mole fraction; Y: Humidity (kg water/kg dry 
gas)

Dimensionless numbers

Le: Lewis number; Re: Reynolds number; Sc: Schmidt num-
ber; Sh: Sherwood number

Greek letters

α: Heat transfer coefficient (kW·m−2·K−1); β: Mass transfer 
coefficient (m·s−1); δ: Gas diffusivity (m2·s−1); φ: Fuel–air 
equivalence ratio; η: Efficiency; λ: Air–fuel equivalence 
ratio; μ: Dynamic viscosity (kg·m−1·s−1); Π: Pressure ratio; 
ρ: Mass density (kg·m−3)

Subscripts

air: Air; cc: Carbon conversion; cg: Cold gas; comp: Com-
pressor; dp: Dried olive pomace; dry: Drying; e: Electrical; 
eg: Exhaust gas; gen: Generator; hg: Hot gas; i: Isentropic; 
m: Mechanical; o: Overall; s: Solid; th: Thermal; turb: Tur-
bine; w: Water; wp: Wet olive pomace
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