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and assessment of a novel biorefinery
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Abstract
The aim of this study was the experimental demonstration and assessment of a novel lignocellulose biorefinery (LCB) for the
integration of beech wood-based products as platform and fine chemicals. The process sequence included organosolv pulping
followed by pulp bleaching, hydrothermal conversion of hemicellulose to xylose and its purification, fermentation of xylose to
malic acid, and base-catalyzed lignin depolymerization (BCD). The resulting products were dissolving pulp, phenolic BCD-
oligomers, and malic acid. The state of the art for these technologies is their experimental proof of concept and validation at a
laboratory- and pilot-scale and has a technology readiness level (TRL) of 3–4. By integrating and optimizing the single-process
steps into one LCB, the TRL could be increased to 5. Based on the findings of the experimental studies, a LCB converting 50,000
dry metric tonnes (b¼ 38.7 MW) of beech wood annually was simulated with Aspen Plus. Mass and energy balances showed that
14,616 dry metric tonnes of dissolving pulp, 5174 dry metric tonnes of BCD-oligomers, and 4077 dry metric tonnes of malic acid
annually could be produced. The total energy efficiency is 40.3%. The calculation of specific production costs demonstrated the
marketability of dissolving pulp (1350 €/t) and BCD-oligomers (2180 €/t), whereas malic acid (4750 €/t) is not yet competitive.
Environmental assessment showed reduced greenhouse gas (GHG) emissions from the production of BCD-oligomers and malic
acid and higher GHG emissions from the production of dissolving pulp compared with the reference products. In total, the
examined LCB would contribute to the mitigation of global warming.

Keywords Lignocellulose biorefinery . Organosolv pulping . Pulp bleaching . Base-catalyzed lignin depolymerization . Xylose
valorization .Malic acid fermentation

1 Introduction

One of the urgent measures to stop global warming is the
replacement of fossil resources as a feedstock of the global
economy. An important part of this challenge is to develop
technologies for the efficient conversion of biomass to fuels
and chemicals. Due to their ubiquitous availability, wood and

other lignocellulosic residues have the potential to become a
valuable resource. In Germany, beech wood was identified as
a promising feedstock for prospective lignocellulose
biorefineries (LCB). Accounting for 15% of total forestland
and 17% of total wood reserves, beech is the third most com-
mon tree species and has an unused potential of 1.3 Mt of dry
matter per year [1]. Although traditional pulping processes
focus mainly on the valorization of cellulose, it is important
for the overall efficiency of LCBs that hemicellulose and lig-
nin are also recovered. Lignin and hemicellulose usually end
up as fuel to provide heat and electricity to the process and for
external use. New conversion processes lead to plant concepts
with diversified product portfolios and new products for the
bioeconomy. New pulp mills already show a strong tendency
to include the production of specialty products from unused
wood components. Thus, they produce not only pulp for the
paper and board industry but also products for the chemical
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industry. Novel biorefinery concepts for the processing of all
of the major wood components into value-added products
should therefore be developed.

Among the different pulping processes, especially the
organosolv process is considered appropriate for the valoriza-
tion of all of the components of the wood [2]. It leads to the
fractionation of beech wood to solid cellulose fibers, hemicel-
lulose hydrolysate (HH), and pure, solid lignin. Furthermore,
it benefits from relatively mild process conditions and easy-to-
recover solvents. In previous studies, organosolv pulping was
developed at the Fraunhofer-Center for Chemical-
Biotechnological Processes (CBP) (Leuna, Germany). A pro-
cess using an ethanol–water mixture as solvent was success-
fully transferred from laboratory- to pilot-scale [3]. It was
found though that product yields and mass balances of the
organosolv process should be improved. Moreover, it was
found necessary to develop processes that result in marketable
products from all of the obtained wood fractions to achieve
economic feasibility [4]. Thereby, a special focus was laid on
the need for a valorization not only of the cellulose but also of
the HH and the lignin [3].

The focus of previous studies was mainly on producing
fermentable sugars from the cellulose. However, dissolving
pulp has more than twice the market price of sugar and has
become a very interesting product for the pulping industry [5].
Hence, dissolving pulp, produced by bleaching of the cellu-
lose fibers, was selected as a primary product of the LCB in
this study. In the valorization of cellulose fibers into dissolv-
ing pulp, the required degree of brightness, kappa number,
and other important criteria for pulp characterization indicates
that after the organosolv pulping a bleaching process is nec-
essary. Peters and Höglinger [6] showed a possible bleaching
sequence for raw cellulose fibers from ethanol–water pulping
and concluded that dissolving pulp with characteristics similar
to sulfite pulp can be obtained. However, the proposed
bleaching sequence includes chemicals, such as calcium hy-
pochlorite, which can no longer be used due to improved
environmental standards. For this reason, it was necessary to
develop a new suitable bleaching sequence to obtain dissolv-
ing pulp from the organosolv cellulose fibers.

The HH from the organosolv pulping contains a mixture of
many soluble compounds from beech wood that are formed
during the process. Of these, xylose oligomers and monomers
are the most important, and, therefore, it seems reasonable to
develop valorization processes. Several biochemical conver-
sion processes and yeasts have been engineered in recent years
to convert xylose to a number of products, such as ethanol,
lactic acid, and fatty alcohols [7–9]. A prerequisite for the HH
to be used for such processes is a sufficiently high concentration
of fermentable xylose. For high yields, the remaining oligomers
should also be hydrolyzed to monomers as much as possible
and the xylose concentration should be increased. Furthermore,
inhibitory effects of other substances in the hydrolysate should

be studied and minimized. Hydrothermal treatment, which
means a process in water at elevated temperature and pressure,
seems to be a conversion process with good prospects to de-
compose the remaining hemicellulose to xylose [10–12].
Efficient, robust, and economical separation processes are then
required, which remove potential inhibitors (e.g., carboxylic
acids, furans, and phenolic compounds) and concentrate xylose.
The membrane technology nanofiltration (NF) has the capabil-
ity to remove water and other non-sugars without additional
chemicals and phase changes [13–15]. Therefore, it consumes
less materials and energy. Various microorganisms have been
identified which can produce dicarboxylic acids, such as malic
acid and xylonic acid [16–18]. Most of the studies on dicarbox-
ylic acids were conducted on glucose, but it has also been
shown that Aspergillus oryzae (DSM1863) can produce malic
acid from xylose and glycerin [19]. Malic acid is currently used
in the food and beverage industry, but it can also be used as a
building block in the chemical industry for 1,4-butanediol pro-
duction [20]. No studies, however, have as yet demonstrated
either the pilot-scale biochemical production of malic acid or a
process using microorganisms fed with wood hydrolysates in-
stead of pure feedstock.

The lignin from organosolv pulping has a significantly
higher quality and purity compared to other types of lignin
(e.g., kraft lignin) [21]. Through depolymerization, the molec-
ular weight of lignin can be greatly reduced and bio-based
aromatic building blocks with an increased functionality can
be produced. The base-catalyzed depolymerization (BCD) of
lignin was found to be a promising approach, especially in
combination with water or ethanol as a solvent for the lignin
[22, 23]. The BCD process yields a solid, powder-like phase
containing larger oligomers from lignin and an oily liquid phase
with monomers (e.g., phenol, guaiacol, syringol, and catechol)
and dimers. This opens up new fields of application for the
phenolic oligomers in already established and potential prod-
ucts (e.g., polyurethane and epoxy resins). Studies to analyze
products of BCD, identify reaction mechanisms, and optimize
product yields have been conducted in laboratory- and pilot-
scale [24–26] and were recently repeated [27] using different
kinds of lignin. Different downstream processes were studied to
separate the organic phases from the water, including extraction
with organic solvents and NF [28–31]. The BCD of lignin and
the subsequent downstream processing should be transferred to
pilot-scale to obtain product samples so that it can be included
and evaluated within the overall LCB concept.

Hence, the state of the art for these technologies was consid-
ered the experimental proof of concept and their validation in
laboratory- to pilot-scale, translating to a technology readiness
level (TRL) of 3–4 [32]. However, the single processes had not
yet been carried out with real feedstocks and their integration and
optimization into one LCB could increase the TRL to 5. The
overall aim of this study was thus the practical demonstration
and assessment of an organosolv-based LCB producing
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dissolving pulp from cellulose, malic acid from hemicellulose,
and BCD-oligomers from lignin. To do so, the whole process
chain starting from organosolv pulping and followed by pulp
bleaching, xylose valorization from HH, fermentation of xylose
to malic acid, and base-catalyzed lignin depolymerization (Fig.
1) was to be realized on pilot scale. Apart from the demonstration
of the entire production chain, open issues in the individual pro-
cess steps were addressed: In the organosolv pulping, increasing
the resource and energy efficiency as well as the concentration of
C5 sugars in the HH was found necessary. In particular, the
reduction of waste water and other waste streams by recycling
and developing a more efficient process for the precipitation of
lignin were addressed. An environmentally acceptable bleaching
sequence for the raw fibers had to be developed with the target
that the quality requirements of dissolving pulp are met. Tomake
use of the HH, a process to obtain a fermentable solution with a
high xylose concentration and low inhibitory effects had to be
developed. The production of malic acid from xylose was to be
scaled up from laboratory-scale experiments and tested on real
HH. In addition, a separation cascade for malic acid recovery had
to be established. Objectives for the BCD of lignin were the
optimization of the process toward specific phenolic derivatives
and the development and optimization of the separation of the
various phenolic fractions. Moreover, upscaling to pilot scale
was aspired. Finally, the specific production costs of the products
and the attributable greenhouse gas emissions were to be calcu-
lated based on mass and energy balances of the entire LCB.

2 Materials and methods

2.1 Organosolv pulping

Organosolv pulping was conducted in the LCB pilot plant of
the Fraunhofer CBP in a 400 L batch reactor [33]. As feed-
stock for the pulping trials, screened beech wood chips for the
production of dissolving pulp (provided by Lenzing AG,
Austria) with a dry matter content of 50% were used.
Pulping conditions were a pressure of 2.0 MPa, a temperature
of 170 °C, and a residence time of 130 min. An 1:1 ethanol–
water mixture (w/w) was used as solvent in a liquor-to-wood
ratio of 3.2:1 (w/w). As catalyst, 1% sulfuric acid (H2SO4)
was added in a ratio of 0.8% (w/w) to the dry wood matter.
After pulping, two washing steps were carried out to extract
remaining lignin from the cellulose fibers. In the first displace-
ment washing, an 1:1 ethanol–water mixture (w/w) was used
with a solvent-to-wood ratio of 10:1 (w/w). The washing was
carried out for 60 min at a temperature of 100 °C and a pres-
sure of 2.0 MPa. For the second displacement washing, pure
water was used in a water-to-wood ratio of 13.6:1 (w/w) at
0.3 MPa and 35 °C.

Subsequent to the pulping process and the washing steps,
the remaining fiber suspension was disintegrated and
dewatered in a screw press to reach a dry matter content of
30%. From the liquid extracts of the pulping and the first
washing step, lignin was precipitated by a patented distillation

Fig. 1. Simplified scheme of the lignocellulose biorefinery for the production of dissolving pulp, malic acid, and BCD-oligomers from beech wood
(DM, dry matter; c, concentration)
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process [34]. This process was carried out in pilot scale at the
Fraunhofer CBP, according to process parameters established
in laboratory-scale trials by Schulze et al. [35]. The ethanol
was distilled off at 0.01 MPa leading to a precipitation of the
dissolved lignin from the mother liquor. Afterward, the solid
lignin particles were filtered and dried to a dry matter content
of 98% for subsequent depolymerization. Ethanol was recov-
ered from the supernatant by rectification, yielding the HH as
residual liquid product. It contains oligomeric sugars, mono-
meric sugars, furans, and carboxylic acids hydrolyzed from
the hemicellulose during pulping as well as residual lignin and
its phenolic derivatives. Within this study, the HH was puri-
fied and fermented to malic acid.

2.2 Pulp bleaching

In the bleaching experiments, cellulose fibers from the
organosolv pulping were treated to produce dissolving pulp for
use in the viscose process. For this purpose, the following spec-
ifications must be fulfilled: degree of brightness > 90% ISO,
kappa number < 0.4, intrinsic viscosity (a measure of the degree
of polymerization) between 400 and 600 mL/g, and content of
hemicellulose < 4% (w/w). To fulfill these requirements, a
bleaching sequence was developed which consisted of (a) pulp
screening and washing, (b) cold caustic extraction, (c) oxygen
delignification, (d) chlorine dioxide bleaching, and (e) hydrogen
peroxide bleaching. In the following sections, the conditions and
materials for each process step are briefly explained.

(a) During the screening process, the fibers were first
defibrillated for 5 min in a pulper at a medium stock consis-
tency of 30% to 40%. The fiber suspension was then trans-
ferred to a vibrating screener with 0.15mm slotted screens and
repeatedly flushed with deionized water. The screened pulp
was dewatered in a centrifuge for 10 min, and the dry matter
was determined. Additionally, the dry matter of the shivers
was determined to identify the total shiver content.

(b) The cold caustic extraction was conducted to reduce the
hemicellulose content of the pulp before delignification and
bleaching. As extraction medium, an NaOH solution with a
concentration of 100 g/L was prepared. The process was per-
formed at 35 °C for 30 min. The initial pH value was 13.0, the
stock consistency was 15%, and the NaOH concentration in
the liquid phase was 8%.

(c) Oxygen delignification was conducted using a stainless
steel autoclave with Teflon insert, which rotated overhead in
an electrically heated silicone oil bath. The autoclave was
charged with the bleaching suspension and pressurized with
O2 to a pressure of 0.8 MPa. The oxygen delignification was
carried out at 80 °C for 90 min (including a 30 min heat-up
period). The initial pH was 12.7, and the stock consistency
was 10%. As alkali source in the oxygen delignification, 5%
NaOH based on the dry matter of pulp was used. To stabilize

the cellulose, MgSO4 was added in a concentration of 0.2%
based on the dry matter of pulp.

(d) In the chlorine dioxide bleaching stage, the volatile
ClO2 was mixed rapidly with the pulp in a concentration of
2% based on the dry matter of pulp. Then, the bleaching was
performed at 60 °C for 180 min with an initial pH of 6.7 and a
stock consistency of 10%. The pH of the pulp suspension was
adjusted by the addition of NaOH in a concentration of 0.6%
based on the dry matter of pulp. In addition, the complexing
agent ethylenediaminetetraacetic acid (EDTA; purity ≥ 97%)
was added in a concentration of 0.1% based on the dry matter
of pulp to avoid the transition metal-catalyzed decomposition
of H2O2, which is applied in the following bleaching stage
[36]. The ClO2 consumption after the process was determined
via an iodometric titration and is given as percentage of the
amount of ClO2 used.

(e) In the hydrogen peroxide bleaching, an NaOH solution
was used as the bleaching agent in a concentration of 0.8%
based on the dry matter of pulp. Process conditions were a
temperature of 60 °C, a bleaching duration of 120 min, an
initial pH of 11.4, and stock consistency of 10%. The concen-
tration of H2O2 in solution as well as the residual H2O2 con-
tent of the bleaching liquor was determined by iodometric
titration to calculate the H2O2 consumption.

2.3 Xylose valorization from hemicellulose

To obtain fermentable xylose from the HH, a purification
sequence consisting of removal of lignin fractions by adsorp-
tion, hydrolysis of oligomeric xylose to monomeric xylose,
and the purification of the monomeric xylose by means of
NF was applied. The HH from organosolv pulping was pro-
vided by the Fraunhofer CBP with the composition listed in
Table 1. Before adsorption and NF experiments, the pH of the
feed solutions was adjusted from 1.6 to 2.7 with the addition
of a 5 M NaOH, prefiltered by a 150 kDa ultrafiltration

Table 1. Composition of hemicellulose hydrolysate (HH), product
solution from hydrothermally treated hemicellulose hydrolysate
(HTHH), and nanofiltration retentate (NFR) from HTHH at a volume
reduction (VR = Vperm/Vf) of 0.6

Components HH HTHH NFR from HTHH

(g/L) (g/L) (g/L)

Oligo-xylose 22.8 2.70 6.75

Xylose 34.2 51.4 126

Glucose 2.80 4.50 11.2

5-HMF 0.80 1.20 1.73

Furfural n.d. 0.80 1.04

Acetic acid 3.90 3.70 3.91
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ceramic membrane to remove suspended solids from the liq-
uid fraction and stored at 4 °C prior to further processing.

Through adsorption on resins, lignin and its phenolic degra-
dation products were removed from the HH. For the adsorption
experiments, SEPABEADS SP700 (Mitsubishi Chemical
Corporation) and HH were mixed in a 500 mL beaker in an
adsorbent-to-solution ratio of 1:5 (w/v) for 90 min (temperature
of 25 °C, stirring rate of 500 rpm). A Nutsche-type filter was
used for the separation of the loaded adsorbents from the liquid
phase. The moment at which the adsorbents were added to the
HHwas considered as time zero for the experiments. To identify
the equilibrium time and concentration, small-volume liquid
samples of 3mLwere collected during the trials at predetermined
time intervals. Detailed information concerning the adsorption
process, modeling of isotherms, analytics, and desorption studies
has already been published [37].

The oligomeric xylose in the HH was hydrolyzed by hydro-
thermal treatment in a continuous tube reactor with a total length
of 6.8 m and an internal diameter of 7 mm. The HH was pres-
surized to 5.0 MPa by a membrane pump and fed through a
preheater to the tube reactor. Both the preheater and the tube
reactor were heated electrically. The hydrothermal treatment
was conducted at temperatures of 160, 180, and 200 °C with
retention times between 2.5 and 23 min to determine the best
reaction conditions. After passing through the reactor, the hydro-
thermally treated HH was cooled to ambient temperature by a
water-cooled heat exchanger before it was released to intermedi-
ate storage by a pressure control valve. Detailed information to
the hydrothermal conversion of the HH and analytics of the
reaction products are described in a previous study [12].

Potential inhibitors to subsequent fermentations were sep-
arated by NF from the monomeric xylose after the hydrother-
mal treatment. The aim was to have water and small inhibitory
molecules, such as furfural, 5-hydroxymethylfurfural (5-
HMF), and acidic acid, to permeate through the membrane.
This would purify and concentrate the monomeric xylose in
the retentate. The NF was conducted with an Alfa Laval
LabStak M20 plate-and-frame membrane module. The com-
mercially available flat sheet membrane Alfa Laval NF was
used, which is made of thin-film composite polyamide sup-
ported by polyester and has a molecular weight cut-off of 300
Da. The filtration area (Am) was 0.036 m

2. For the determina-
tion of appropriate process parameters, the transmembrane
pressure was varied between 1.0 and 4.0MPa, the temperature
was varied between 25 and 55 °C, and the cross-flow velocity
was varied between 0.5 and 1.5 m/s at a constant pH of 2.7.
Parameter screening experiments were conducted with recir-
culation of both permeate and retentate to the feed. At appro-
priate process conditions, the monomeric xylose was concen-
trated in the NF retentate to at least 120 g/L. The permeate flux
J was calculated from the permeate volume (Vperm) collected
during a time (t) of 1 min in a volumetric cylinder (J = Vperm/
(Am∙t)). Small amounts of samples (10 mL) were taken from

the permeate (perm) and feed ( f ) for the determination of the
component concentrations (ci) and the calculation of observed
retentions Robs (Ri,obs = (1 − ci,perm/ci,f)∙100%). Methods used
for the analysis of oligomeric xylose, glucose, monomeric
xylose, 5-HMF, furfural, and acetic acid are described in
Köchermann et al. [12, 38].

2.4 Malic acid fermentation

Aspergillus oryzae ATCC 56747 was obtained from the
DSMZ (Deutsche Sammlung von Mikroorganismen und
Zellkulturen, Braunschweig, Germany) culture collection
and was routinely grown on potato glucose agar with 1 M
KCl at a temperature of 30 °C for 120 h. Conidia were har-
vested with 25% glycerol from plates, filtered through a
Miracloth filter and were counted and diluted to 107 conidia/
mL. L-Malic acid production was performed in a two-step
system consisting of a preculture and a main culture. The
preculture medium contained 36.4 g/L xylose, 4 g/L
(NH4)2SO4, 0.75 g/L KH2PO4, 0.748 g/L K2HPO4, 0.1 g/L
MgSO4·7H2O, 0.1 g/L CaCl2·2H2O, 0.005 g/L NaCl, and
0.005 g/L FeSO4·7H2O and was sterilized by autoclaving
and filtration. The main culture medium contained 111.5 g/L
xylose, 1.4 g/L (NH4)2SO4, 0.13 g/L KH2PO4, 0.1 g/L
K2HPO4, 0.1 g/L MgSO4·7H2O, 0.1 g/L CaCl2·2H2O, 0.005
g/L NaCl, and 0.06 g/L FeSO4·7H2O. For pH regulation, 90 g/
L CaCO3 was added.

For fermentation in a 1000 L batch reactor, a two-stage
seed train was chosen. The first stage was carried out in a 10
L bioreactor (Proreact 4P, Frings; 6.5 L preculture medium),
which was inoculated with 2·105 conidia/mL. After 30 h of
cultivation, the fungal biomass was transferred to a 100 L
bioreactor (Proreact 15P, Frings; 65 L pre-culture medium)
as the second seed and after a further 40 h to the main culture
medium in the 1000 L bioreactor (Proreact 35P, Frings). For
the malic acid production, 650 L of the main culture medium
was used. The process was operated at a pressure of 0.15MPa,
a temperature of 35 °C, an aeration rate of 0.25 vvm, and an
initial stirrer speed of 239 rpm. Dissolved O2 was controlled at
20% by the addition of N2. An energy dissipation/circulation
factor (EDCF) of 20 W/(m3s) was used. Samples were taken
approximately every 24 h and analyzed for dry matter content,
sugar, and malic acid concentration.

The determination of the dry matter content was carried out
gravimetrically and was used to analyze the growth of
Aspergillus oryzae. A sample of 1 mL was treated with 4
mL of 2 M HCl to dissolve the CaCO3. The biomass was then
separated from the liquid phase by vacuum filtration through a
glass fiber filter and dried at 105 °C for 24 h in a drying oven.
The analysis of sugars (xylose and glucose) and carboxylic
acids (malic, succinic, fumaric, and citric acids) as well as
other sample components, such as 5-HMF, was performed
by HPLC with an Aminex HPX-87H column. The eluent
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was 5 mMH2SO4. Measurement and quantification were per-
formed with a coupled refractive index detector (RID) and
diode array detector (DAD). The malic acid was quantified
by the DAD signal at 215 nm. All other components were
evaluated using the RID signal. The analysis was based on
the retention times of standard substances.

Downstream processing was carried out by the following:
(a) acidification of the fermentation broth to pH 3.3 with a
70% H3PO4 solution for 60 min at ambient temperature, (b)
inactivation of the microorganisms at 121 °C for 20 min, (c)
removal of biomass and Ca3(PO4)2 by filtration using a filter
press (DELLA TOFFOLA, Tiemann) at 70 °C, (d) crystalli-
zation by cooling from 40 to 0 °C with a cooling rate of 5 °C/h
in a stirred stainless steel vessel, (e) filtration of the crystals via
a metal sieve with a pore size of 1 μm followed by (f) drying
of crystals by freeze drying.

2.5 Lignin depolymerization

BCD was carried out continuously in a plug flow reactor as
previously described [26]. The lignin was fed at 5% (w/w) in a
2.5% NaOH solution with a flow rate of 20 kg/h. The reaction
was carried out at 25.0 MPa and 300 °C. Liquid reaction
products were continuously collected in an intermediate bulk
container (IBC) and subsequently acidifiedwith a 30%H2SO4

solution at ambient temperature to a pH of 1.0. Oligomers
precipitated and were removed from the aqueous solution by
filtration using a filter press (HOLMACMod. H54.5/1.5). The
filtrate was collected in a stainless steel IBC whereas the filter
cake was washed several times with deionized water until
nearly all salts were removed. The resulting BCD-oligomers
were discharged and prepared for drying in a drying oven at
50 °C until a constant mass was reached. The filtrate contain-
ing BCD-oil (monomers and dimers) was extracted using a
continuously operating, stirred extraction column (Pfaudler
Normag Systems GmbH) with methyl isobutyl ketone
(MIBK) at ambient temperature. The MIBK-to-water ratio
was 2:1 (w/w), and the flow rate of MIBK was 30 kg/h. The
light MIBK/BCD-oil phase was distilled during the ongoing
extraction to remove the solvent, and the BCD-oil was vacu-
um dried at 40 °C.

The yields of the obtained product fractions were calculat-
ed on the dry matter. The number average molecular weights
(MN) and the average molecular weights (MW) of both frac-
tions were determined by gel permeation chromatography
(GPC) using a HPLC series 1260 (Agilent Technologies),
equipped with GPC-columns (AppliChrom ABOA DMSO-
Phil-P Pore 250 & 350) and an RID. The concentration of
the phenolic monomers in the BCD-oil was quantified by
gas chromatography mass spectrometry (Agilent GC
7890A and Agilent MSD 5975C) equipped with a HP-
MS5 capillary column (length 30 m, inner diameter 0.25
mm, film thickness 0.33 μm).

2.6 Conceptual design and simulation

The superstructure of the LCB converting beech wood to the
relevant products, shown in Fig. 1, is divided in the following
five sections: organosolv pulping, pulp bleaching, xylose val-
orization from HH, malic acid fermentation, and base-
catalyzed lignin depolymerization. For these sections, concep-
tual designs of process flowsheets were developed.

Process simulation using Aspen Plus was chosen as the
appropriate method for the calculation of mass and energy
balances, energy efficiencies, as well as sizing of the plant
equipment. The input data of the process simulation are main-
ly from the experimental results, and other input data are in-
dicated accordingly. Liquid activity coefficients were calcu-
lated with the NRTL (non-random two liquids) propertymeth-
od and Henry’s law for dissolved gas in liquids for all unit
operations. Only lignin depolymerization was simulated using
the electrolyte NRTL thermodynamic package (included
NaOH, H2SO4, and their respective ions and salts) alongside
with Henry’s law to account for the non-condensable gas–
liquid equilibrium occurring during the BCD reactions [39].
All unit operations were simulated as continuous processes,
which is a common simplification for conceptual studies
[40–42]. Unit operations that would likely be operated in
batch mode (e.g., malic acid fermentation) can thus be seen
as an average mass and energy balance over time within the
simulation.

It was assumed that the LCB is located in Germany on an
existing chemical site, at which all required utilities and waste
water treatment can be provided. The required utilities for the
individual process stages are fired heat (FH) with an inlet tem-
perature of 1000 °C, high pressure steam (HPS) at 2.2 MPa,
medium pressure steam (MPS) at 0.9 MPa, low pressure steam
(LPS) at 0.23MPa, refrigerant (REF)with an inlet temperature of
-25 °C, cold/cool water (CW) with an inlet temperature of 6 °C/
25 °C, and electricity (EE) for the power supply. A plant capacity
to process 50,000 dry metric tonnes of beech wood annually and
8000 operating hours per year were assumed to be reasonable for
a demonstration/pilot plant [43, 44].

2.7 Costing and environmental assessment

The mass and energy balances from the process simulation as
well as the equipment lists from the conceptual design were
used to conduct the costing and environmental assessments.

To estimate the economic competitiveness, the specific
production costs were calculated according to a simplified
approach in line with VDI guideline 6025 [45]. All relevant
costs were allocated to the cost groups of capital-linked costs,
consumption-linked costs, operation-linked costs, and other
costs. Capital-linked costs were determined on the basis of
equipment costs. The design, sizing, and determination of
the quantity of the equipment were carried out in the process
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simulation. Equipment costs were estimated based on dimen-
sion and material according to the data and methodology de-
scribed by Peters et al. [46] and Chauvel et al. [47]. The chem-
ical plant cost index [48] and the Kölbel-Schulze index [49]
were used as cost indices to update the costs to the base year
2017. Plant-specific surcharge factors were used to account
for direct costs and indirect costs leading to fixed-capital in-
vestments. The annuity method was used to convert depreci-
ation, interest, and maintenance into equal annual payments.
Consumption-linked costs were based on usage and prices of
raw materials, auxiliaries, process energy, and disposal costs.
Operation-linked costs include estimations for labor costs.
The labor costs were calculated by multiplying the number
of employees with the annual labor costs per person. The
number of employees typically needed in the chemical indus-
try was estimated according to plant capacity, degree of auto-
mation, and a surcharge for supervision [46]. The annual labor
costs consist of average salaries in the chemical industry in
Germany (60,000 €/a) [49] plus typical costs for social secu-
rity contributions (18.3%) and special payments (15%). Other
costs include administration, insurance, and uncertainties,
which were calculated using surcharge rates. General assump-
tions for the costing are summarized in Table 2. The specific
production costs were determined by dividing the total annual
costs of production by the annual quantity of products.

For a more detailed costing, the production costs were calcu-
lated for each of the five sections of the LCB. The costs of the
upstream organosolv process were allocated to the following
three product streams: dissolving pulp, malic acid and BCD-
oligomers (Fig. 1) according to the mass flow of organic material
with 50%, 34%, and 16%, respectively. Costs of the xylose
valorization were completely allocated to the following malic
acid fermentation process. Upstream costs were assigned to the
following cost groups: capital-linked costs, consumption-linked
costs, operation-linked costs, and other costs.

The mass and energy balances were used to calculate and
compare the greenhouse gas (GHG) emissions of each LCB
product. This life cycle assessment (LCA) was conducted ac-
cording to ISO 14040 and 14044 standards. CO2 equivalents
(CO2-eq) were calculated as an indicator of the global
warming potential with factors from the International Panel

on Climate Change [50]. The CO2 emissions released during
the disposal of the LCB products were considered to be
climate-neutral assuming that they are part of the short-term
carbon cycle [51]. The mass and energy balances were trans-
ferred to a life-cycle model using the Umberto LCA + 10.0.3
software [52]. For the organosolv process producing three
intermediate products, the GHG emissions were allocated to
each intermediate according to its share of organic content.

To estimate possible GHG savings, each LCB product was
compared with a conventional reference product that would
likely be substituted (Table 3). In case that an LCB product
and its reference product are not chemically identical, a system
expansion and a substitution ratio were used to compensate
for different benefits [53]. To calculate GHG emissions of
each reference product, the quantity according to the substitu-
tion ratio was multiplied with the emission factor of the refer-
ence product. The emission data for the auxiliary materials,
energy carriers, and reference products are taken from the
ecoinvent databases v.2.2 and v.3.4 [54, 55].

3 Results and discussion

3.1 Organosolv pulping

The composition and characteristics of the organosolv product
streams cellulose fibers, lignin, and HH are dependent on fac-
tors, such as raw material quality (beech wood from sawmill or
pulp mill), process parameters (temperature, residence time,
H2SO4 use, heating regime, prehydrolysis), and type of lignin
precipitation (dilution or distillation). The conditions used for
the experiments, as presented in Section 2.1, are the results of
detailed preliminary investigations optimizing these factors. It
has been shown that fresh beech wood chips, provided by
Lenzing AG (Austria), with an optimized chip geometry, a
homogenous size distribution, and a high moisture content re-
sult in a better fiber quality. A low acid consumption of 0.8%
H2SO4 per dry matter of wood proved to be suitable for stabi-
lizing the hemicellulose and improving fiber properties.
Moreover, the application of a mild prehydrolysis at 100 °C
has also been found to increase the stability of hemicellulose.
Nevertheless, to gain a good delignification, the reaction time
was extended to 130 min at a pressure of 2.0 MPa and 170 °C.

The precipitation of lignin by the addition of two parts by
mass of water, to decrease the ethanol concentration below the
solubility limit of lignin, was replaced by a process for con-
tinuous lignin precipitation by evaporation of the solvent. As a
result, large amounts of water were saved, and the sugar con-
centration in the HH increased by a factor of 11.

The distribution of the lignocellulosic components cellu-
lose, hemicellulose, and lignin in the organosolv component
streams cellulose fibers, lignin, and liquid supernatant (which
results in the HH after recovery of the solvents) is shown in

Table 2. Main assumptions for costing

Parameter Value Unit

Average cost of capital 5.3 % p.a.

Assessment period 20 Years

Maintenance, repairs 2 % of FCI p.a.

Administration 20 % of operating costs p.a.

Insurance, uncertainties 1.5 % of FCI p.a.

Annual labor costs 80,000 EUR/person
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Fig. 2. As can be seen, high losses of hemicellulose occur at
the reaction conditions. This can be attributed to the degrada-
tion of HH to oligomeric sugars, monomeric sugars, furans,
carboxylic acids, and other extractives.

3.2 Pulp bleaching

With the presented bleaching sequence, it was possible to meet
the requirements for dissolving pulp. This is remarkable, as the
organosolv beech pulp had a high initial kappa number. Results
of the single bleaching steps are presented in Table 4. By achiev-
ing a low hemicellulose content of 2%, cold caustic extraction
can be considered as an effective method for hemicellulose ex-
traction from pulp. However, the process requires a high amount
of NaOH, which can be problematic in terms of costs and envi-
ronmental impact. Increasing viscosity can be explained by the
extraction of low-viscosity short-chain cellulose. The reduction
in the kappa number from 28.6 to 5.6 using 5% NaOH indicates
that oxygen delignification is very effective. In addition, an in-
crease in the degree of brightness in the pulp can be detected too.
The viscosity does not change, due to the addition of MgSO4

[56]. The high yield-losses in both process steps may be due to
the fact that at high alkali concentration cellulose is partially
dissolved and further washed out [57]. During chlorine dioxide
bleaching, the kappa number was lowered to 0.7 whereas a high
degree of brightness was obtained. Despite relatively mild

conditions in this process step, there is a significant loss of vis-
cosity too. The relatively low consumption of ClO2 of 84.9% can
be attributed to a nonuniform mixing of the chemical into the
pulp. In the last bleaching step, hydrogen peroxide bleaching, a
kappa number of 0.4, and a degree of brightness of 93.9% were
reached without a loss of viscosity. The rise in hemicellulose
content compared to the chlorine dioxide stage can be explained
by the ongoing delignification, whereby the relative amount of
hemicellulose increases. The low H2O2 consumption indicates
that the use of EDTA during chlorine dioxide bleaching has led
to a removal of heavy metals from the pulp and thus no signif-
icant decomposition of H2O2 by heavy metals occurred.

Full bleaching could be realized with a reasonable
charge of bleaching chemicals because the organosolv
pulp responded extremely wel l to the oxygen
delignification stage. The main weakness of the
bleaching procedure was the high NaOH charge in the
cold caustic extraction which was necessary to achieve
the required low hemicellulose content. The pulp pro-
duced had a sufficient degree of brightness and a low
hemicellulose content. Compared to literature specifica-
tions, the kappa number is slightly too high and the
viscosity is only slightly within the specified limits
[58]. A more extensive chlorine dioxide bleaching could
lower the kappa number with little viscosity losses.

Fig. 2. Distribution of the cellulose, hemicellulose, and lignin in the organosolv component streams cellulose fibers, organosolv lignin, and liquid
supernatant

Table 3. Reference products with emission factor [55], substitution ratio, and system expansion

LCB product Reference product Emission factor
(kg CO2-eq/kg)

Substitution ratio System expansion

Dissolving pulp Pulp (sulfite process) 1.21 1:1 No SE

BCD-oligomers (in polyurethane) Polyol (in polyurethane) 4.32 1:1 With SE

Malic acid Citric acid 3.09 1:1.21 With SE
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3.3 Xylose valorization from hemicellulose

The adsorption of HH with SEPABEADS SP700 resulted in
the removal of 94.8% of lignin and other phenolic com-
pounds. The simultaneous losses of hemicellulose, including
oligomeric and monomeric xylose, amounted to 8.0%. The
adsorption behavior of both lignin and hemicellulose sugar
in the multi-component solution is best described by the ex-
tended Freundlich isotherm. Hence, multilayer adsorption,
with non-uniform distribution of adsorption heat and affini-
ties, seems to be predominant [37].

Figure 3 shows the altered concentrations of oligomeric
xylose, monomeric xylose, and furfural versus residence time
in the continuous tube reactor at 160, 180, and 200 °C during
the hydrothermal treatment of HH. The conversion of the
oligomeric xylose takes place in the following three steps:
(a) hydrolysis of the oligomeric xylose to monomeric xylose,
(b) dehydration of the monomeric xylose to furfural, and (c)
degradation/condensation of furfural to insoluble humic sub-
stances and other hydrocarbons [59]. As can be seen in Fig. 3,
a rapid hydrolytic cleavage of the oligomeric xylose takes

place, which leads to a rapid increase in monomeric xylose
concentration. The higher the process temperature, the faster
the hydrolysis. As a result, the maximum monomeric xylose
concentration is shifted to shorter residence times with in-
creasing temperature. On the basis of the experimental data
determined by Köchermann et al. [12], appropriate process
parameters were identified in terms of maximum monomeric
xylose yield, minimum oligomeric xylose concentration, min-
imum furfural concentration, and reduction of residence time.
At reaction conditions of 180 °C and a residence time of 2.8
min, the above-mentioned criteria can be best met.

Appropriate process parameters for the NF of the hydro-
thermally treated HH were found to be a transmembrane pres-
sure of 3.0 MPa, a temperature of 35 °C, and a crossflow
velocity of 1.1 m/s. Thus, obtaining a permeate flux of 38.2
L/(m2h) and observed component retentions of 100% for olig-
omeric xylose, 98.9% for glucose, 96.2% for monomeric xy-
lose, 29.6% for 5-HMF, 19.7% for furfural, and 3.7% for
acetic acid. At the determined parameters, the hydrothermally
treated HH was concentrated by NF to a volume reduction of
0.6, meaning 60% of the feed solution was transferred into the
NF permeate. Thereby, a monomeric xylose concentration of
126 g/L in the retentate and a reduction of the inhibitor-to-
xylose ratio by 52% were achieved (Table 1).

3.4 Malic acid fermentation

Malic acid was successfully fermented on HH from the
organosolv process. The oligomeric xylose present in high
quantities next tomonomeric xylose can be converted to malic
acid with identical product formation rates compared to the
utilization of technical xylose as feedstock. However, the sub-
strate fraction could not be completely replaced by xylose
from hemicellulose (only up to 40% (w/v)) since growth and
metabolism were completely inhibited at higher concentra-
tions by the contained inhibitors. The use of HH led to a lag
phase at the beginning of cultivation when, among others, 5-
HMF was degraded by the fungi. With increased concentra-
tion of hemicellulose, the metabolism shifted to succinic acid
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Fig. 3. Concentration curve of oligo-xylose, xylose, and furfural during
hydrothermal conversion in a continuous tube reactor

Table 4. Effect of the investigated bleaching sequence on the properties of organosolv pulp

Bleaching step pHin

(–)
pHout

(–)
Chemical
consumption
(%)

Cellulose yield (%) Degree of brightness
(% ISO)

Kappa number (–) Intrinsic
viscosity
(mL/g)

Hemicellulose
content
(%)

Screening – – – 93.1 20.8 54.0 760 –

Cold caustic extr. 13.0 13.0 – 89.3 21.6 28.6 780 2.0

O2 delignification 12.7 11.5 – 94.4 57.1 5.6 650 2.0

ClO2 bleaching 6.7 2.6 84.9 99.4 88.7 0.7 580 1.7

H2O2 bleaching 11.4 11.0 16.1 99.8 93.9 0.4 560 1.9
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production, which reduced the malic acid yield. Overall, the
yield ofmalic acid obtainedwith HHwas still higher thanwith
technical xylose (43%–105% higher) due to the wider sub-
strate spectrum. As a result of HH pretreatment by precipita-
tion, adsorption, and extraction, some of the inhibitors could
be removed and the lag phase was shortened.

The fermentative malic acid production from xylose by
Aspergillus oryzae was successfully transferred from the
laboratory- (0.1 L) to the pilot-scale (1000 L). The EDCF
was used as the scale-up criterion resulting in a similar pellet
morphology of the fungi. A yield of 0.63 mol malic acid per
mol xylose and an average product formation rate of 0.15
g/(Lh) could be achieved. A first strategy for the downstream
processing of malic acid from the fermentation broth was de-
veloped and demonstrated on a pilot scale: consisting of acid-
ification, thermal inactivation, biomass separation by filtra-
tion, and purification by cooling crystallization and drying,
to obtain the target product. The concentration of the fermen-
tation product malic acid, the by-products succinic acid and
fumaric acid, and the starting material xylose, as well as the
liquid-phase volume of the piloted fermentation process and
the separation and purification cascade, are displayed in Fig.
4. The best yield and purity in cooling crystallization was
achieved with a pH of 3.3 and a cooling rate of 5 °C/h.
However, the amount of malic acid remaining dissolved in
the filtrate after crystallization as well as a non-optimized bio-
mass separation and dewatering resulted in a high overall
product loss. A malic acid quantity of approx. 15 kg (29%
yield) with a purity of 84% was produced.

3.5 Lignin depolymerization

Cleavage of lignin via BCD and subsequent separation result-
ed in solid BCD-oligomers, a liquid BCD-oil, small organic
compounds, and gasses (Table 5). The lignin fragments of the
BCD-oligomers were obtained with a depolymerization de-
gree of at least 35% relative to the starting material. The
BCD-oil is a fraction containing liquid phenolic monomers
and dimers. They were isolated by liquid–liquid extraction
of the product solution after solid–liquid separation of the
BCD-oligomers. The main monomeric components identified
in the BCD-oil were syringol, guaiacol, catechol, vanillin, and
phenol. However, their content in the oily phase was low
(≤3%). Small organic compounds formed by cleavage of
methoxy and ethoxy moieties from the lignin molecules were
mainly methanol, ethanol, and their corresponding acids.
Formed gasses were mainly CH4 and CO2.

As described in Section 2.5, the reference for the design of
the BCD-process and the mass and energy balances is the
cleavage using 5% (w/w) lignin in a total mass flow of 20
kg/h, achieving a conversion rate of 94.5%. The relatively
mild reaction conditions of 25.0 MPa and a temperature of
300 °C lead to a depolymerization with good yields of
BCD-oil while avoiding repolymerization of the formed lignin
fragments [27]. This is necessary to reproducibly obtain the
required product specifications and to provide a stable, con-
tinuous process.

3.6 Costing and environmental assessment

Costing and environmental assessment of the entire LCB pre-
sented in Fig. 1 was conducted. As part of a preliminary as-
sessment of the single-process steps, it was found that liquid–
liquid extraction and subsequent purification of the BCD-oil
during lignin depolymerization is not beneficial. In particular,
it has been shown that MIBK as a solvent has a considerable
negative influence on the costing and environmental impact of
the process. Therefore, an alternative approach for assessing
the process excluded BCD-oil as a value-determining product
and focused exclusively on BCD-oligomers. Hence, the prod-
ucts of the LCB were dissolving pulp, phenolic BCD-oligo-
mers, and malic acid. The results of the assessment include the
mass and energy balance from process simulation with Aspen
Plus, the economic analysis by determination of production
costs, and the environmental analysis using LCA.

3.6.1 Mass and energy balances

The main input and output mass streams of the LCB process-
ing 50,000 dry metric tonnes of beech wood annually are
presented in Table 6. It should be mentioned that the exami-
nations carried out in this section have a conceptual character
and are based on the experimental work from Section 3.1 to

Fig. 4. Concentration of malic acid, succinic acid, fumaric acid, and
xylose as well as the liquid phase volume of the piloted fermentation
process and the separation and purification cascade
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Section 3.5. The conversion rates of the starting materials to
products, which are described in the individual process stages
subsequently, refer to the dry matter of the respective compo-
nents, meaning water content (w) is 0%.

During organosolv pulping, 46.4% of the beech wood is
converted to cellulose fibers, 15.2% to lignin, and 15.7% to
hemicellulose sugars (oligomeric and monomeric xylose) in
the HH. This process stage is characterized by a high water
demand, as water is used in large quantities as a solvent and as
wash water for cellulose fibers and lignin. A further reduction
of the necessary amount of water has great potential for opti-
mizing the process, due to lower energy requirements and
easier access to the hemicellulose sugar. The high water con-
sumption also results in a high waste water load of 13.4m3 per
metric tonne of raw fibers (w = 0%). Due to an efficient eth-
anol recovery with a rate of 99.3%, the ethanol demand can be
reduced to 0.21 t/h. During pulp bleaching, 63.0% of the raw
fibers is converted to dissolving pulp. In this process stage,
water is by far the largest mass flow, where it is used for the
dilution of the pulp during pulp screening and cold caustic
extraction as well as for the pulp washing in the oxygen
delignification, chlorine dioxide bleaching, and hydrogen per-
oxide bleaching. Due to the high water demand, recirculation
is essential, and in this study, it was assumed that 11 m3 of
waste water per metric tonne of dissolving pulp arise [60]. The
consumption of chemicals, especially of NaOH (1.34 t/h in the
cold caustic extraction) is also very high. A recirculation strat-
egy for these components was not developed but is also con-
sidered necessary. Reasons for not developing concepts for
recirculation are the lack of information about possible recov-
ery rates and a lack of experimental capacities within the
scope of these investigations. During the xylose valorization
from hemicellulose, 90% of the oligomeric xylose in the HH is
converted tomonomeric xylose. The advantage of this process
stage is the low requirement of further input streams, such as
water and other chemicals. A periodic renewal of adsorption
material and membranes (lifetime 1.5 years [61]) is included
in the costing. For the desorption of lignin from the polymeric
sorbents, 2.36 t/h ethanol is needed [62], which can be recov-
ered with a rate of 99.5%. The required amount of fresh eth-
anol is thus only 0.01 t/h. For each metric tonne of monomeric

xylose (w = 0%), 39.5 m3 of waste water is produced. This is a
considerable quantity, mainly due to the large water input
within the organosolv pulping, and should be reduced.
During the malic acid fermentation, 58.0% of the xylose is
processed to malic acid. This comparatively low yield is at-
tributed to the formation of by-products, such as succinic acid
and fumaric acid, and to the high losses of malic acid during
the purification processes. Process water is used for the dilu-
tion of the xylose solution during the cultivation of the micro-
organisms and the preparation of a 70% H3PO4 solution. For
the buffering of the fermentation process and the subsequent
acidification of the fermentation broth, a considerable amount
of CaCO3 or H3PO4 is required. The waste water load is 11.2 m

3

per metric tonne of malic acid (w = 0%). During the lignin
depolymerization, 67.5% of the lignin is converted to BCD-olig-
omers. Large amounts of water, H2SO4, and NaOH are con-
sumed in this process stage. The demand for water is mainly
due to the washing of the BCD-oligomers (53.9%) as well as
for the preparation of the 2.5% NaOH solution (33.4%) and the
30% H2SO4 solution (4.7%). With a reduction in the necessary
amount of water and chemicals, the waste water load of 86.2 m3

per metric tonne of BCD-oligomers (w = 0%), as well as its
contamination with salts and organic matter, could be reduced.

Energy requirements and utility consumption of the studied
LCB are shown in Table 7. The total energy requirements of
the individual utilities decrease in the following order: MPS
with 14.5 MW, CW with 9.0 MW, HPS with 5.8 MW, LPS
with 4.9 MW, EE with 3.1 MW, FH with 2.6 MW, and REF
with 0.4 MW. Within the organosolv pulping, the pulping
reactor requires the entire HPS and the drying of lignin the
entire MPS. The ethanol recovery within the organosolv
pulping requires the whole LPS and CW. In the pulp
bleaching, the highest utility demand is the MPS for drying
the dissolving pulp, followed by the EE for mixing the re-
agents and the LPS for heating the bleaching reactions. The
highest energy demands in the process stage xylose valoriza-
tion from hemicellulose are caused by the recovery of ethanol
from the desorption solution requiring most of the LPS and
CW. The HPS is consumed during the hydrothermal process
and EE for the membrane filtration. The malic acid
fermentation requires the lowest temperature in the process

Table 5. Product fractions and corresponding molecular mass as well as composition after the cleavage of lignin via base-catalyzed depolymerization
(BCD)

BCD-oligomers BCD-oil Gasses Small organic compounds

Product fraction (% to lignin used) 67.5 11.0 3.7 12.3

MN (g/mol) 588 127 – –

MW (g/mol) 1403 283 – –

Composition (% to lignin used) – 1.8% Syringol, 0.9% guaiacol, 0.2%
catechol, 0.1% vanillin, 0.01% phenol

CH4, CO2 Methanol, ethanol,
formic acid, acetic acid
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Table 6. Mass balance, energy efficiency, emission factors, and (production) costs of the lignocellulose biorefinery concept (products and production
costs are shown in bold) a[46]; b[63]; c[64]; d[65]; e[66]; f[67]; g[1]; h[2]; i[68];j[69]; k[70]; l[71]; m[72]; n[73]; o[74]; p[75]; xassumption; #calculated

Process stage and main streams Mass input Mass output Energy
efficiency

Emission factors (Production)
costs

(t/h) (t/h) (%) (kg CO2-eq/kg) (EUR/t)

Organosolv pulping
Process water 68.2 0 0.0004 0.16a,b

Beech wood (w = 50%) 12.5 (38.7 MW) 0 – 50c

Ethanol 0.21 0 0.41 550d

H2SO4 0.06 0 0.12 70e,f

Waste water 0 38.1 0.0004 2.5g,h

Hemicellulose hydrolysate 0 32.3 0.01 –

Cellulose fibers (w = 70%) 0 9.67 0.04 –

Lignin (w = 2%) 0 0.97 0.13 –

Pulp bleaching
Process water 14.3 0 0.004 0.16a,b

Cellulose fibers (w = 70%) 9.67 0 0.04 –

NaOH 1.47 0 1.35 600i,j

O2 0.05 0 0.63 50k

ClO2 0.04 0 5.14 1500x

H2O2 0.02 0 1.45 300l

MgSO4 0.01 0 0.25 200x

EDTA 0.01 0 4.03 2000x

Waste water 0 22.5 0.004 2.5g,h

Dissolving pulp (w = 10%) 0 2.03 (8.12 MW) 21.0 1.62 1350#

Shiver (w = 60%) 0 0.97 – –

Exhaust gas 0 0.06 – –

Xylose valorization
Hemicellulose hydrolysate 32.3 0 0.01 –

Process water 1.87 0 0.004 0.16a,b

NaOH 0.03 0 1.35 600i,j

Ethanol 0.01 0 0.41 550d

Waste water 0 31.6 0.004 2.5g,h

Xylose solution (cXylose = 360 g/l) 0 2.47 0.42 –

Suspended solids (w = 60%) 0 0.15 – –

Malic acid fermentation
Process water 4.59 0 0.004 0.16a,b

Xylose solution (cXylose = 360 g/l) 2.47 0 0.42 –

CaCO3 0.67 0 0.01 100x

H3PO4 0.39 0 1.5 600n,o

Nutrients 0.03 0 2.12 460x

Air 0.01 0 – –

N2 0.01 0 0.25 50p

Waste water 0 5.39 0.004 2.5g,h

Biomass + Ca3(PO4)2 (w = 60%) 0 1.98 – –

Malic acid (w = 2%) 0 0.52 (1.45 MW) 3.7 3.09 4750#

Exhaust gas 0 0.28 – –

Lignin depolymerization
Process water 53.8 0 0.004 0.16a,b

Lignin (w = 2%) 0.97 0 0.13 –

H2SO4 1.08 0 0.12 70m

NaOH 0.46 0 1.35 600i,j

Air 0.09 0 – –

Waste water 0 55.6 0.004 2.5g,h

BCD-oligomers (w = 2%) 0 0.66 (6.04 MW) 15.6 2.04 2180#

Exhaust gas 0 0.12 – –
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for the crystallization, which is cooled to 0 °C using REF.
MPS, which is the highest energy demand of the process step,
is used for the heat sterilization of the fermentation broth and
for drying the malic acid crystals. The lignin depolymerization
requires the highest temperature in the process, where it was
assumed that the BCD-reactor is heated to 300 °C using FH.
The CW is used for cooling down the highly exothermic re-
action when preparing the 30% H2SO4 solution for BCD-
oligomer precipitation, and MPS is used for the drying of
the BCD-oligomers.

The energy efficiency for the beech-wood-to-product conver-
sion is defined as the energy output in the products divided by the
energy input, including raw material and the electrical power
requirements. The calculations are based on the following esti-
mations: (a) lower heating values of the raw materials and the
productswere obtained fromAspen Plus and (b) electrical energy
is provided by a natural gas fired combined heat and power plant
with an electrical efficiency of 58% [4]. The energy efficiency for
the primary products dissolving pulp and BCD-oligomers is
21.0% and 15.6%, respectively, and for the secondary product
malic acid 3.7% (Table 6). Hence, the overall energy efficiency
of the LCB is 40.3%. Compared with that in other literature [4,
41], the energy efficiency of the studied concept is low. An
increase in energy efficiency could be achieved by an efficient
recovery of all components which arise during the lignin depo-
lymerization (e.g., phenolic monomers and dimers), by optimiz-
ing the recovery of malic acid from the fermentation broth and/or
by the conversion of the monomeric xylose to other products. It
must be considered, however, that most of the processes studied
were tested here for the first time at a pilot scale and that a
comprehensive optimization has not yet taken place.

3.6.2 Costing and environmental performance

Investment and annual costs for the individual process steps in
the LCB are summarized in Table 8. Organosolv pulping has
the largest share (28%) of the total investment, before malic
acid fermentat ion (22%), based-catalyzed lignin

depolymerization (20%), pulp bleaching (16%), and xylose
valorization from hemicellulose (14%). The main drivers re-
garding the annual costs are consumption-linked costs, in par-
ticular for beech wood during pulping and auxiliaries as well
as operating materials for the other processes.

The specific production costs (Table 9) for dissolving pulp
and BCD-oligomers are close to market prices on the basis of the
assumptions made. The costs for malic acid production are sig-
nificantly higher than the market price and are currently not
competitive. The specific production costs of the three products
show a similar cost distribution: Consumption-linked costs ac-
count for the largest share (49%–66%), followed by capital-
linked costs (16%–26%), operation-linked costs (12%–16%),
and other costs (5%–8%). The highest cost factors of the indi-
vidual processes in the percentage of production costs were
NaOH for pulp bleaching (32%) and lignin depolymerization
(20%) and phosphoric acid for malic acid fermentation (13%).
When assessing the results, it should be noted that, unlike market
prices, the cost of production does not include taxes or distribu-
tion costs.

Implementing the LCB in the market and substituting the
conventional reference products would contribute to a mitiga-
tion of global warming. The production of BCD-oligomers
and malic acid within the LCB would each cause lower
GHG emissions than their corresponding reference products
as can be seen in Fig. 5. However, the GHG emissions of pulp
production are higher than those of the reference pulp produc-
tion in the sulfite process. The main reasons for that are a high
consumption of NaOH and a relatively high emission factor of
the ClO2 used for pulp bleaching. Within the biorefinery con-
cept, the highest GHG saving is reached by the substitution of
polyol with BCD-oligomers in PUR.

4 Conclusion

The aim of this study was to demonstrate and assess an inte-
grated lignocellulose biorefinery (LCB), including the process

Table 7. Energy/utility requirements, emission factors, and costs of the
lignocellulose biorefinery concept (OP organosolv pulping, PB pulp
bleaching, XV xylose valorization, MAF malic acid fermentation, LD

lignin depolymerization, EE electricity, REF refrigerant, CW cold/cool
water, LPS low pressure steam, MPS medium pressure steam, HPS high
pressure steam, FH fired heat) a[76]; b[46]; c[2]; d[77]

Process utility OP PB XV MAF LD Total Emission factor
(kg CO2-eq/kWh)

Costs
(MW) (MW) (MW) (MW) (MW) (MW)

EE 0.35 0.32 0.45 0.16 0.25 1.53 0.43 100 EUR/MWha

REF 0.0 0.0 0.0 0.20 0.0 0.20 – 5.6 EUR/MWhb

CW 2.21 0.0 1.06 0.13 1.08 4.48 – 0.05 EUR/ta,c

LPS 0.46 0.22 1.64 0.11 0.0 2.43 0.07 25 EUR/tc

MPS 3.60 2.21 0.0 0.86 0.58 7.25 0.07 25 EUR/tc

HPS 2.28 0.0 0.64 0.0 0.0 2.92 0.07 25 EUR/tc

FH 0.0 0.0 0.0 0.0 1.29 1.29 0.07 50 EUR/MWhd
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steps of organosolv pulping, pulp bleaching, hydrothermal con-
version of hemicellulose to xylose and its purification, malic
acid fermentation, and the base-catalyzed lignin depolymeriza-
tion. It was shown that beech wood can be converted in the
following three products: dissolving pulp, phenolic BCD-olig-
omers, and malic acid. During organosolv pulping, 46.4% of
the beech wood was converted to cellulose fibers, 15.7% to
hemicellulose sugars (oligomeric and monomeric xylose) in
the hemicellulose hydrolysate (HH), and 15.2% to lignin.
From the calculated mass and energy balance, it could be con-
cluded that the implementation of amore efficient pulpwashing
unit can lead to a more effective delignification and a reduction
in process water demand. The pulp bleaching sequence
consisted of screening and washing, cold caustic extraction,
oxygen delignification, chlorine dioxide bleaching, and hydro-
gen peroxide bleaching. In this sequence, a conversion of
63.0% of the cellulose fibers to dissolving pulp with a slightly
too high kappa number was achieved. However, to reduce the
environmental impact of the bleaching sequence, recirculation

of process water and chemicals is crucial. Xylose valorization
from hemicellulose was realized by connecting adsorption, hy-
drothermal treatment, and nanofiltration processes, resulting in
90% of the oligomeric xylose in the HH being converted to the
monomer. During the subsequent malic acid fermentation, 58%
of the xylose was converted to malic acid. To achieve higher
overall yields, the recovery and purification of malic acid must
be further improved. During the base-catalyzed depolymeriza-
tion (BCD) of lignin, 67.5% was converted to oligomers and
11% to smaller aromatic compounds (BCD-oil). This process
should be further optimized in terms of the reduction or the
recovery of NaOH to reduce costs and environmental impact.
By integrating and optimizing the single process steps into an
LCB, the TRL could be increased to 5.

The overall energy efficiency of the LCB, based on the
findings of the demonstration studies and simulated with
Aspen Plus, was 40.3%. This is mainly due to material losses
during lignin depolymerization and malic acid fermentation.
Production costs for dissolving pulp (1350 €/t) and BCD-

Table 8. Investment and annual
costs of the lignocellulose
biorefinery
concept (summation of cost
groups are shown in bold; OP
organosolv pulping, PB pulp
bleaching, XV xylose
valorization, MAF malic acid
fermentation, LD lignin
depolymerization)

OP PB XV MAF LD

Investment sum (kEUR) 30,830 18,150 15,390 24,710 22,500

Capital-linked costs (kEUR/a) 3140 1870 1580 2530 2320

Depreciation (kEUR/a) 1540 910 770 1240 1130

Interest (kEUR/a) 1000 600 500 800 740

Maintenance (kEUR/a) 600 360 310 490 450

Consumption-linked costs (kEUR/a) 9380 9790 2710 3880 5050

Raw material (kEUR/a) 5000 – – – –

Auxiliary and operating material (kEUR/a) 1140 7800 1090 3320 3000

Energy supply (kEUR/a) 2490 1540 970 450 940

Disposal costs (kEUR/a) 750 450 650 110 1110

Operation-linked costs (kEUR/a) 2300 1660 1290 1100 1000

Labor costs (kEUR/a) 2300 1660 1290 1100 1000

Other costs (kEUR/a) 1090 600 550 690 540

Administration (kEUR/a) 640 330 320 320 200

Insurance (kEUR/a) 300 180 150 250 230

Uncertainties (kEUR/a) 150 90 80 120 110

Table 9. Product costs of the lignocellulose biorefinery concept (resulting production costs are shown in bold) a[78]; b[79]; c[80]; d[81]

Dissolving pulp
(w = 10%)

Malic acid
(w = 2%)

BCD-oligomers
(w = 2%)

Capital-linked costs (EUR/t product) 213 1248 537

Consumption-linked costs (EUR/t product) 892 2350 1243

Operation-linked costs (EUR/t product) 173 764 264

Other costs (EUR/t product) 72 388 136

Production costs (EUR/t product) 1350 4750 2180

Price of reference products (EUR/t product) 1440a 2000c,d 2000b
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oligomers (2180 €/t) showed that marketability is possible,
while malic acid (4750 €/t) is not currently competitive.
Environmental assessment showed reduced greenhouse gas
(GHG) emissions from the production of BCD-oligomers
and malic acid and higher GHG emissions from the produc-
tion of dissolving pulp compared to the reference products. In
total, the examined LCB would contribute to the mitigation of
global warming.
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