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mobile applications like marine and automotive diesel 
engines.

During this period, from the 60s till today, a signifi-
cant change in the feedstock for the stationary boilers has 
occurred. Due to the concern about greenhouse gases, the 
use of renewable fuel has increased, in order to reduce 
the use of fossil fuel. Renewable fuel can be, for instance, 
woody biomass and forest residues, municipal, industrial or 
agricultural waste.

While the previous use of fossil gas, diesel or oil pro-
duced a rather particulate free flue gas, the new fuels con-
tain larger amounts of alkali metals. Thus, they generate a 
large portion of fly ash. A recent study compares the use 
of SCR to SNCR for reduction of nitrogen oxides [1]. The 
authors say that if the  NOx level for waste incinerators 
would be lowered to 100 mg/Nm3, it will become necessary 
to use SCR instead of SNCR. For new installations, the cat-
alyst should be placed after the boiler in a high dust posi-
tion. This means that fly ash will pass through the catalyst 
bed via the monoliths channels, resulting in a close contact 
between the catalyst and the fly ash. There are many poten-
tially poisonous compounds in the fly ash. Among them 
alkali metals are of a major concern [2–5]. They cause 
deactivation of the catalysts, by blocking the Brønsted acid 
sites, in the same way as for applications burning forest res-
idues [2, 6].

We have studied SCR catalysts in various applica-
tions since the mid 80ies [7, 8]. In one paper, we pub-
lished the effect of lead on the activity [9]. Earlier results 
from deactivation studies on diesel engine driven power 
plants in Sweden [10] show that there is an activation 
after about 900 h on stream. In that case, the conversion 
increased from 85 to 92% at 350 °C. In an earlier study 
we showed [11] that gas phase sulphating by 500  ppm 
 SO2 in 500 ppm NO, 4%  O2 and 4–5%  H2O with He as 

Abstract A commercial vanadia, tungsta on titania SCR 
catalyst was poisoned in a side stream in a waste incinera-
tion plant. The effect of especially alkali metal poisoning 
was observed resulting in a decreased activity at long times 
of exposure. The deactivation after 2311 h was 36% while 
the decrease in surface area was only 7.6%. Thus the major 
cause for deactivation was a chemical blocking of acidic 
sites by alkali metals. The activation–deactivation model 
showed excellent agreement with experimental data. The 
model suggests that the original adsorption sites, from 
the preparation of the catalyst, are rapidly deactivated but 
are replaced by a new population of adsorption sites due 
to activation of the catalyst surface by sulphur compounds 
 (SO2,  SO3) in the flue gas.

Keywords Poisoning · Waste incineration · SCR 
catalyst · Modelling of activation and deactivation

1 Introduction

The Selective Catalytic Reduction (SCR) technique, for 
reduction of  NOx with ammonia, was originally invented in 
the early 60s, developed in Japan in the 70s and introduced 
in Europe in the 80s. From the beginning, the technique 
was used in large stationary boilers and nitric acid plants. 
Today the concept has developed further and comprises 
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carrier gas at 400 °C for 21 h created new acidic sites on 
the catalyst thereby increasing its activity.

The aim of this study is to clarify the reason for the 
activity as a function of time on stream when using SCR 
in a waste incineration plant. We show how K and Na 
in the fly ash deactivate a commercial  V2O5/WO3–TiO2 
catalyst. The fly ash and its thermal stability is studied 
separately in order to explain the results from the poi-
soned catalysts. A model is described, which correlates 
the activity of the poisoned catalyst to the time on stream.

2  Experimental

2.1  Deactivation Procedure

The catalyst was a commercial  V2O5/WO3–TiO2 strength-
ened by silica fibres. Its supplier cannot be stated because 
of agreement reasons. From the large monolith four 
200 mm long, 150 × 150 mm monoliths with wall thick-
ness of 1.1 mm and channel side 6.4 mm were used. They 
were placed in a deactivation chamber in a side stream of 
the main flue gas channel (Fig. 1). The gas flow was from 
top to bottom. Due to limitations at the incineration plant, 
the slipstream had to be taken after the catalytic bed. 
This decreased the dust load in the deactivation chamber. 
However, one can expect that it is mostly large and heavy 
particles that are separated from the flue gas. The small 
ones remain and they are prone to catalyst deactivation.

The monoliths were subjected to the conditions below 
for various lengths of time. After the first monolith was 

removed, a new one was inserted in its place for further 
deactivation. In all seven deactivated and one fresh mon-
oliths were analysed.

The condition in the deactivation chamber were; tempera-
ture 230 °C,  NOx 60 and  NH3 20 mg/Nm3,  O2 2%,  SO2 350 
vppm and space velocity 5000 h−1.

2.2  Measurement of Catalyst Activity

The activities of fresh and deactivated catalyst samples were 
determined with the same equipment as used before [9]. 
Samples (one channel 6  cm long) were cut from the larger 
monoliths from the inlet and the outlet sections as shown in 
Fig. 2. Most of the data used in this paper were taken from 
the inlet section.

Based on earlier experience, one can expect a time depend-
ent gradient of catalyst poisons, mainly Na and K, along the 
length of the monolith. However, in this paper we mostly deal 
with the 60 mm piece from the inlet section of the monolith. 
It seems to be a reasonable assumption to consider this piece 
as uniform.

A Balzer QMG 311 mass spectrometer was used for gas 
analysis. The temperatures at which the activity was meas-
ured were from 260 to 400 °C at 20 °C intervals. 40  min’ 
equilibration time was used at each temperature. The gas 
stream contained 600 ppm NO, 700 ppm  NH3, and 2%  O2, 
with He as the carrier gas containing about 3000  ppm Ar 
used as an internal standard in the analysis. The flow rate was 
900  Ncm3/min, the space velocity was 12,800  h−1, and the 
pressure was kept at 1.25 bar. The analysis setup is shown in 
Fig. 3.

The activity is presented as a first order rate constant deter-
mined from the following equations:

r = −k × CNO

(

mol∕cm−3, min
)

x = ([NO]in − [NO]out)∕[NO]in = conversion of NO

Ammonia/Urea Catalyst Layers

Dust Removal

From Boiler

Slip Stream Befor
 Dust Removal

To Stack

Deactivation
 Chamber

Monolith

Fig. 1  Slip stream setup at the waste incineration plant
Fig. 2  Samples were taken from the inlet and outlet of each monolith 
block
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where [NO]in = Concentration of NO in inlet to reac-
tor (mol/cm3); [NO]out= Concentration of NO in outlet 
from reactor (mol/cm3);  k0 = pre exponential factor (1/
min);  Ea = activation energy (J/mol); R = gas constant (J/
mol/K); T = temperature (K);  Vcat = catalyst wall volume of 
the monolith  (cm3);  F0 = molar flow of NO into the reactor 
(mol/min)

2.3  Modelling of the Catalyst Activation/Deactivation

From the activity measurements and the calculated first 
order rate constants it is obvious that a maximum in activity 
appears as function of time on stream (Fig. 9). An increased 
activity has in earlier works [10–12] been attributed to acti-
vation of the SCR catalyst by  SO2 in the flue gas. The  SO2 
is most likely oxidised by the oxygen present over the  V2O5 
catalyst. The water converts the formed  SO3 to  H2SO4 and 
new acidic sulphate groups are formed on the catalyst. 
On the surface, there are active sites for the SCR reaction 
 (V2O5). However, there are also adsorption sites for ammo-
nia. Those adsorption sites are not necessarily active in the 
reaction, but serve as storage sites for the ammonia on the 
surface. This means that a decrease of the number of acidic 
adsorption sites, for instance by alkali poisoning, decreases 
the reaction rate and an increase of the number of sites, for 
instance by activation, increases the rate of reaction. This is 
due to the change in the surface concentration of ammonia.

On the fresh catalyst, there is a population of adsorption 
sites, formed during the preparation that can be regarded 
as the original one. Besides this population, there must be 
a population of proto-sites (N) that can be activated. The 

k = F0∕([NO]in × Vcat) × ln(1 − x)
(

first order rate constant based on the

volume of the walls of the monolith, 1∕min

)

k = k0 × exp(−Ea∕(R × T)) (Arrhenius correlation]

original population of adsorption sites (S1) starts to deac-
tivate as soon the catalyst comes on stream, forming deac-
tivated sites (D1). However as soon the catalyst comes 
on stream, the proto-sites starts to form active sites (S2). 
After the formation of the new sites (S2) they in turn start 
to deactivate (D2). The following model is formulated, at 
constant temperature, with the deactivation/activation con-
stants c1, c2 and c3:

From these reactions (1 & 2) the following differential 
equations are set up:

A balance over the proto-sites gives:

Eliminating N in (4) by the use of (5) gives:

D2 can´t be eliminated, so one further differential equa-
tion is needed:

This model describes the time dependent populations of 
adsorption sites, S1 and S2. Equation (3) have the analyti-
cal solution, were S0 is the initial number of sites

(1)
S1

c1

→ D1

(2)
N

c2

→ S2

c3

→ D2

(3)
dS1

dt
= − c1 × [S1]

(4)
dS2

dt
= c2 × [N] − c3 × [S2]

(5)[N0] = [N] + [S2] + [D2]

(6)
dS2

dt
= − c2 × ([N0] − [S2] − [D2]) − c3 × [S2]

(7)
dD2

dt
= c3 × [S2]

Fig. 3  Experimental setup for determining the catalyst activity. 1, 2, 
3, 4 gas cylinders for He,  O2, NO and  NH3, 5 rotameters, 6 flow regu-
lators, 7 pressure sensors, 8 preheating quartz glass tubes, 9 oven with 
temperature regulator, 10 reactor of quartz glass, 11 3-way valves for 
choosing gas to analyser, 12 mass spectrometer, 13 computer
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The equations  6 & 7 have to be integrated 
simultaneously.

In this work a pseudo-first order reaction in nitrogen 
monoxide is considered

However, the reaction is bi-molecular and normally 
described with an Eley–Rideal rate expression.

where θNH3 is the coverages of ammonia on the catalyst 
surface. Now, if ammonia is in excess and  kaCNH3 >>1 the 
θNH3 => 1 and the rate expression becomes pseudo-first 
order in NO. This is normally the case below 400 °C.

The θNH3 varies only between 0 and 1 so the information 
about the number of adsorption sites becomes bundled up 
in the rate constant  k1.

The frequency factor should be proportional to the total 
number of adsorption sites:

where S is the number of sites.
It is now assumed that there are two parallel pathways 

for the reaction that are identical, except for the number of 
adsorption sites for each pathway. Then the observed rate 
constant  (ktot) will be the sum of the two rate constants.

where 1 and 2 are the indexes for the first and second reac-
tions,  S10 is the initial number of adsorption sites in the 
original population and  k10 is the initial, the fresh, rate con-
stant of the catalyst. Initially, at t = 0, S1 = S10 and S2 =  0 
so  ktot =  k10.

The model was solved by searching for a symbolic solu-
tion in Maple.

The symbolic solution by Maple was:

(8)S1(t) = S0 × e
−c1×t

r
NO

= − k1 × C
NO

r
NO

= − k1CNO
× �

NH3

�
NH3 =

k
a
× C

NH3

1 + k
a
C
NH3

k1 = a0e
−Ea

RT

a0 = a
�
0
× S

ktot = k1 + k2 = a1 × e
(

−Ea∕RT
)

+ a2 × e
(

−Ea∕RT
)

= a0� × S1 × e
(

−Ea∕RT
)

+ a0� × S2 × e
(

−Ea∕RT
)

= a0� × e
(

−Ea∕RT
)

× (S1 + S2)

k
tot

= a
0
� × S1

0
× e

(

−E
a
∕RT

)

×
(

S1∕S1
0
+ S2∕S1

0

)

= k1
0
×
(

S1∕S1
0
+ S2∕S1

0

)

.

S1(t) = k1(0) × e
−C1×t

S2(t) = �2 ×
C2

C3
× e

−C2×t + �1 × e
−C3×t

D2(t) = �2 × e
−C2×t + �1 × e

−C3×t + N0

where γ1 and γ2 are integration constants.
However, at t = 0 S2 = 0 and D2 = 0

The symbolic solution was entered into Excel and cal-
culated in about 50 time steps between 0 and 2500 h. At 
each step the resulting rate constant  ktot = k10 × (S1 + S2)/
S10 was calculated.

Now, the resulting rate constant for the SCR reaction 
is a function of unknown parameters: the deactivation 
constants C1 and C3, activation constant C2 and the ini-
tial number of proto-sites N0.

The unknown parameters were tuned and the resulting 
rate constant  (ktot) was plotted against the measured rate 
constant as function of time. A least square sum between 
the resulting rate constant and the measured constant was 
set up. When the resulting rate constants were near the 
measured constants, the built in Excel optimizer (Solver) 
was used to fine-tune the parameters by minimizing the 
least square sum.

2.4  Measurement of Catalyst Composition by AAS

About 0.7  g of the catalyst samples (1  cm of the mini 
monolith from the inlet, Fig.  2) was crushed and finely 
ground in a mortar. Known weights were dissolved in 
25  ml of 40% HF. The solutions were diluted with dis-
tilled water to the concentrations needed for analysis. All 
analyses were done with double or triple samples to lower 
the influence of analytical errors. The results shown are 
the mean values of the experimental ones in weight per-
cent. The equipment used was a GSM atomic absorption 
spectrometer (AAS).

2.5  Analysis by  N2 Adsorption

BET analysis was performed on a piece of the wall of 
the monolith as well on the fly ash with a Micromeritics 
ASAP 2400 equipment after outgassing at 0.04  Torr and 
90 °C for 1 h and at 400 °C for 24 h to a final pressure of 
 10−3 Torr. Determination of the surface area and the pore 
size distribution was carried out by physisorption of  N2 at 
77 K. The accuracy of the method for measuring the BET 
surface area is around 1% as determined separately for the 
experimental conditions used. Samples were also submitted 
to sintering for up to 144 h at 400 °C to study the stability 
of the materials. The micro pore volume is calculated by 
the t-plot method using the t curve from literature [13]. In 

�2 = − �1 ×
C3

C2

N0 = −(�1 + �2)



1310 Top Catal (2017) 60:1306–1316

1 3

all measurements the degassing temperature was varied in 
order to see the effect of this parameter.

3  Results

3.1  Surface Area of Fly Ash at Increasing Degassing 
Temperatures

Different degassing temperatures were used before  N2 
adsorption studies. The degassing lasted for 24  h. As 
seen in Fig. 4 something happens to the ash above 300 °C 
decreasing the surface area by 42% at 400 °C. This decrease 
is especially noted in the micro pore surface area, which 
decreases from 1.99 to 0.29 m2/g from 150 to 450 °C. The 

decrease in this case is 85%. The micro pore volume also 
decreases by 86.5% from 0.00089 cm3/g.

3.2  Stability of the Surface Area of the Fresh Catalyst

There is very little if any effect of the degassing time on 
the BET surface area of the fresh catalyst up to 72  h as 
seen in Table 1. The mean value is 63.6 m2/g with a stand-
ard deviation of 1.0 m2/g. This is close to the accuracy of 
the method. The variation of the micro pore surface area 
is larger with a mean of 4.7 m2/g and a standard deviation 
of 0.9 m2/g. There is a trend of increasing micro pore area 
with time. It increases by 49%.

3.3  Effect of Time on Stream Under Deactivation 
Conditions

3.3.1  Effect on Accumulation of Catalyst Poisons

In the analysis by AAS, the whole catalyst material is ana-
lysed. The fresh catalyst elements analysed were in order of 
decreasing content (wt%): Ti (49), W (7), Si (5.4), V (0.54), 
Al (0.53), Ca (0.17), Fe (0.14), K (0.056) and Na (0.026). 
An analysis by SEM–EDAX [14] of the ash showed that it 
contained 1.6 atom % P, 2.2% Ti, 2,1% Fe, 3.4% Mg, 5.2% 
Zn, 4,2% Na, 4.5% K, 11.9% Al, 10.4% S, 11.8% Cl, 14.8% 
Si and 29.3% Ca. Thus a number of components which are 
known to deactivate the catalyst are present in the fly ash. 
This phenomenon will be discussed in a further paper [14].

In Fig.  5 are the experimental conversions and their 
dependence on the time on stream shown. For all tempera-
tures, there is an increased conversion with time. A maxi-
mum is reach where after the conversion drops again. At 
very long times on stream there is no drop in conversion 
any more.

In Fig. 6a, b it is shown that both alkali metal contents 
increase almost linearly with time.

3.3.2  Effect on Surface Areas (BET and Micro Pore)

In Fig.  7 the BET surface area as function of time on 
stream is shown for the lowest and highest degassing 
temperatures. The BET surface area is decreasing slowly 
with time on stream. The slopes are very similar, and the 
statistic evaluation (Appendix) shows that the correla-
tions are significant on the 95% test level. To investigate 
if there is any difference between the two sets of meas-
urements, a paired comparison was done (Appendix). 
The results show that the two sets of data differ signifi-
cantly on the 95% test level. However, since the slopes 
are identical, the samples differ in the initial surface area 
only. Since all analysed samples are different specimens, 
the difference in initial surface area can´t be caused by 

Table 1  BET and micro pore surface area degassed various times at 
400 °C

Time (h) BET surface area  (m2/g) Micro pore 
surface area 
 (m2/g)

0 63.1 4.3
0.25 65.1 4.4
0.5 64.4 3.6
1 62.5 3.5
2 63.6 4.3
4 62.4 4.9
16 64.6 5.0
32 64.4 5.9
72 62.2 6.4
Mean 63.6 4.7
SD 1.0 0.9
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Fig. 5  Experimental conversion of NO as a function of time on 
stream stream at various temperatures (°C) 600  ppm NO, 700  ppm 
 NH3, and 2%  O2, with He as the carrier gas containing about 
3000 ppm Ar. Flow 900  Ncm3/min, space velocity 12,800 h−1, pres-
sure 1.25 bar
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variations in the fresh catalyst. So the small difference 
in surface area between the two sets of samples (mean 
value 1.7 m2/g) is a result of the increased degassing tem-
perature (from 200 to 450 °C). The long term decreases 

in surface areas (average 5 m2/g in 2300 h) is caused by 
either blocking of pores by non-volatile deposits or by 
sintering of the catalyst. It amounts to 7.6% of the area of 
the fresh catalyst.

The micro pore surface area (Fig.  8) decreases rap-
idly during the 400  h first hours. Then the surface area 
remains almost constant. The absolute value of decrease 
in surface area is about twice as large for the BET surface 
area as for the micro pore area.

3.3.3  Effect on Catalyst Activity

There is an obvious increase in the rate constant after 
some time on stream (Fig.  9). The maximum is differ-
ent at different reaction temperatures, around 853  h for 
340 to 380 °C and 403 h for 400 °C reaction temperatures. 
There seems to be a levelling off of the rate constant at 
times longer than 1400  h. The activity of the poisoned 
catalysts is 82, 76, 70 and 64% of the value of the fresh 
ones from 340 to 400 °C at 1951 h. Thus the higher the 
temperature the more severe is the poisoning effect. The 
activation, to the point of maximum activity, is 43, 38, 28 

Fig. 6  a Effect of time on stream on accumulation of alkali metal catalyst poisons by AAS, b correlation of total alkali content to time on stream

Fig. 7  BET Surface areas as function of time on stream for the low-
est (200 °C) and the highest (450 °C) degassing temperature (inlet 
samples)

Table 2  Constants from fitting 
to the deactivation model at 
various temperatures

a Calculated

Temperature (oC) C1 C2 C3 �1 �2a N0a

340 0.0012 0.0012 0.0011 73.0 −75.8 2.76
360 0.0011 0.0012 0.0008 55.3 −57.4 2.12
380 0.0011 0.0011 0.0011 50.0 −52.2 2.17
400 0.0010 0.0010 0.0011 51.5 −53.1 1.58
Mv 0.0011 0.0011 0.0010 57.5 −59.6 2.16
SDmean 0.000041 0.000048 0.000075 5.3 5.5 0.24
SDmean/Mv 0.037 0.043 0.073 0.092 −0.092 0.112
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and 13% in the same temperature range. This also shows 
that the activation is largest at lower temperatures.

The apparent activation energies from the inlet and 
outlet section (Fig.  10) shows spreading but similar 
behaviour. To investigate if there was any difference in 
the two datasets, a paired comparison was done (Appen-
dix). The statistic evaluation shows that the null hypothe-
sis  H0, no difference between the two data sets, is signifi-
cant on the 95% level. This can be taken as an indication 
that the activity does not vary much between the inlet and 
the outlet.

3.4  Modelling of the Activation–Deactivation Process

The deactivation–activation model described in Sect.  2.3, 
was fitted to the experimental first order rate constants 
(Fig. 11). In the fitting, the last point at 2311 h was omit-
ted since it is expected that the rate constant will continue 
decreasing at further exposure to the flue gas. The reason 
for deviation might be explained by spreading in experi-
mental data.

In Fig. 11, one can see the fitted model to the calculated 
first order rate constants from the measured conversions for 
each catalyst sample. The model describes the activity of 
the catalyst very well.

Since the rate constant, as function of time on stream, 
was measured at different temperatures the model was 
used to fit the constant at all temperatures (Fig. 12).

The fitted constants were the deactivation constants 
C1 and C3, the activation constant C2 and the integration 
constant �1from the Maple solution. This means that the 
initial number of proto-sites N0 and the �2 constant are 
calculated according to Sect. 2.3. The result is presented 
in Table 2.

We would like to compare our model to earlier studies 
by Kamata [3]. Thus, Fig. 13 below was constructed from 
their data.

The rate constants, determined at 5 given K contents 
up to 1wt% were calculated from conversion data. The 
expression k = 254.6 × exp (−4.8 × %K) was used to fit 
their data. The value of the time in our experiment to 
obtain this amount of K content was estimated by com-
paring constants normalized to the total rate constant of 
the model at t = 0 to the total experimental rate constant. 
This value of time was used in Fig.  13 to represent the 
Kamata model.

The model based on the total amount of Na and K 
uses experimentally determined concentrations (Fig. 6b). 
To calculate the rate constant, at our experimentally 
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determined K contents, for that model the deactivation 
rate constant versus K% (Fig.  13) was used. These rate 
constants are normalized as before and plotted in Fig. 14.

The result is that our model predicts a deactivation rate, 
which is between the two others. The Kamata one shows 
slower deactivation at longer times while the model based 
on alkali metal content over predicts the deactivation at 
short times (Fig. 14).

4  Discussion

It can be noted that the ash contains some components that 
are melting and blocking the micro pores between 300 and 

400 °C. One possible candidate is  ZnCl2 with a melting 
point of 290 °C [15].

The AAS analysis (Fig.  6) is an average of the entire 
catalyst samples, and the alkali analysis shows close to a 
linear increase versus time on stream. Earlier studies [2, 3] 
have shown a strong correlation between the alkali content 
and the deactivation rate of SCR catalysts. Especially cata-
lyst used in, alkaline rich, highly dusty environments like in 
biofuel and waste combustion are subjected to strong deac-
tivation. With the measured alkali levels in the SCR cata-
lyst in this study, one would expect a profound effect on the 
catalyst activity.

After 1951 h on stream the activity, measured at 400 °C, 
drops by 36% compared to the activity of the fresh catalyst. 
The surface area drops by only 7%. Thus the major cause 
for the decreased activity is a chemical effect by blocking 
of acidic sites by alkali metals.

The initial apparent activation energy (fresh catalyst) is 
36 kJ/mol indicates a mass transfer limitation by pore dif-
fusion. The calculated effectiveness factor is 0.52 at 673 K 
and there is no external limitations for mass or tempera-
ture as calculated by methods given by Mears [16–18]. 
The intrinsic 1st order rate constant is 0.0254  m3/kgcat,s. 
The main other gradient is along the axis of the reactor. A 
temperature increase of 4.5 K is calculated. The activation 
energy decreases non-linearly by time on stream (Fig. 10) 
both for the inlet and outlet pieces of the monolith. A paired 
comparison on a 95% confidence level shows that there is 
no significant difference between the inlet and outlet acti-
vation energies (Appendix). The decrease in activation 
energy could be the result of deactivation of the catalyst 
from the outer surface towards the centre of the catalyst. 
This means that the reactants must diffuse through a, with 

Fig. 11  Fitting of the activation–deactivation model to experimental 
data, SCR first order rate constant at 400 °C (blue dots). Calculated 
overall rate constant (blue line), deactivation of initial population of 
sites (red line), formed secondary sites (black line)

Fig. 12  Fitting of the activation–deactivation model to the different 
experimental sets of SCR first order rate constants (340, 360, 380 and 
400 °C) versus time on stream
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amount of K constructed from data of Kamata. These catalysts were 
impregnated with  KNO3
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time increasing, layer of inert material. This increases the 
mass transport resistance, decreasing the activation energy.

This increases the mass transport resistance resulting 
in a decreased activation energy. Castellino et  al. [3] also 
show the decrease in activation energy on K3PO4 deac-
tivated catalysts from 66  kJ/mol for a fresh catalyst via 
49–36 kJ/mol for the most deactivated one. Similar result 
with apparent  Ea of 46 kJ/mol for a fresh and 30 kJ/mol for 
a 1%  V2O5-9% W/TiO2 doped with 0.5 K per V were pre-
sented by Baxter [19]. Our most deactivated catalyst, used 
for 1951 h, has a similar effectiveness factor of 0.66 as the 
fresh one and is thus only limited by pore diffusion.

However, the initial effect in this study is an increase 
of activity. The calculated first order rate constants show 
an increase versus time on stream, at 400 °C the increase 
is 13% compared with the fresh catalyst. This kind of on 
stream activation of vanadia based SCR catalyst is known 
from industrial applications, for instance in the Visby 
CHP plant and also from our other studies [11], and can 
be attributed to the sulphur content of the fuel [12, 20]. 
Vanadia is a well-known oxidation catalyst for  SO2 to  SO3 
in the contact production process for sulphuric acid [21]. 
If the SCR catalyst oxidizes  SO2 to  SO3, a more corrosive 
flue gas is produced, however an activation of the catalyst 
occurs at high temperatures (>300 °C) while a deactivation 
occurs at low temperatures (<250 °C). The deactivation at 
low temperature is caused by pore plugging due to depo-
sition of ammonium sulphate and ammonium bi-sulphate 
due to the reaction between  SO3, ammonia and water [22]. 
This is a limiting factor for low temperature SCR applica-
tions and efforts are made to minimize SCR catalysts  SO3 
formation [12, 22]. The sulphating of the SCR catalyst, and 
the formation of acidic sites on stream, is beneficial for the 
SCR reaction.

According to Dunn [23] the rate of oxidation of sulphur 
dioxide is very slow compared with the rate of the SCR 
reaction over supported vanadia catalyst. The TOF for the 
SCR reaction is 1000–10,000 times higher than that of the 
 SO2 oxidation at 230 °C. The reason for the low TOF for 
sulphur oxidation would be the week adsorption of  SO2 on 
the vanadium oxide. The formed  SO3(g) desorbs, and re-
adsorbs, stronger than  SO2(g), on another vanadium oxide 
surface site. This inhibits the  SO2 oxidation by competi-
tive adsorption. The formed  SO3(g) could also absorb on 
a free  TiO2 surface as suggested by [20] The adsorbed 
 SO3, together with water, then forms the new acidic sites, 
responsible for the activation of the SCR catalyst. If the 
sulphur dioxide oxidation is so slow, the concentration of 
 SO2(g) probably is constant through the entire length of the 
monolith catalyst. This would then mean that the activation 
of the catalyst occurs over the entire length of the catalyst 
simultaneous.

There was no sulphur dioxide, neither trioxide, measure-
ments done in this investigation since they were not identi-
fied as important prior the measuring campaign. However, 
the  SO2/SO3 level that the SCR catalyst is exposed to is 
about 350 vppm and is much higher than the allowed emis-
sion from the plant since the catalytic bed is placed before 
the Flue Gas De-Sulphurization (FGD) unit.

The calculated activation energies show a non-linear 
decrease with time for both the inlet and outlet sections 
(Fig.  10). The paired comparison shows that there is no 
reason to consider the behaviour of the two sections of the 
catalyst as different. They are the same, or very similar. The 
decrease in activation energy might imply an increased dif-
fusion resistance, for instance by poisoning of the catalyst 
from the outer surface and inwards. This would then result 
in an increasing diffusion resistance.

The temperature in the deactivation chamber was quit 
low, 230 °C, and there was a risk that the pore system of the 
catalyst would be filled up with ammonium sulphate and 
bi-sulphate. However, the degassing of the catalyst samples 
at increasing temperatures, from 200 to 450 °C, gave little 
gain in BET surface area (1.7  m2 Fig.  7). The long-term 
decrease in the BET area is around 7.6% over 2311  h on 
stream and is the same for samples degassed between 200 
and 400 °C. This decrease might be a result of pore clog-
ging with un-volatile material or sintering. However, sin-
tering of the fresh catalyst in the laboratory at 400 °C dur-
ing 72 h did not cause any significant loss of BET surface 
(Table 1).

The activation–deactivation model seems to describe 
the experimental data very well (Figs.  11, 12) except for 
the last point at 2311 h. One could not see any particular 
reason why the deactivation should level off or why the 
catalyst should increase its activity on further exposure, 
unless something has happened with the gas composition. 
This could of course happen if the fuel in the combustion; 
the waste, have changed. There is no information from the 
incineration plant for such changes, but the campaign lasted 
for 2300  h so it can’t be ruled out. The model suggests 
that there is a rapid decrease in the original population of 
acidic sites but this is counteracted by the formation of the 
new sites. After 500 h the newly formed sites dominate the 
activity of the catalyst. If this were correct, a rapid deacti-
vation of the catalyst would be the result of exposure to a 
sulphur free flue gas. The fitting of the model to the data 
set at different temperatures gives the same activation and 
deactivation constants, they are not affected by the record-
ing temperature. The deactivation of the catalyst has taken 
place during the long time exposure in the flue gas, and that 
is not changed just because the activity of the deactivated 
catalyst is measured at different temperatures. Looking at 
the values of N0, they decrease with temperature, which 
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should be the case for Brønsted acid sites, due to the distri-
bution of heat of adsorption.

In comparing models (Fig. 14), the poisoning effects of 
K and Na are assumed equal on a wt% basis. This is sup-
ported by an investigation performed by Lisi [24]. They 
also obtained a strong deactivation effect of the alkali 
metals. Their investigation was also based on impreg-
nated samples, which might give stronger deactivation 
because of very good penetration of metals to the inte-
rior of the catalysts. A very recent study [25] shows the 
poisoning effects of alkali salts to follow the sequence of 
 Na2CO3 < K2CO3 < Na2SO4 < K2SO4 < NaCl < KCl. The 
salts were introduced during entrained-flow combustion. 
We have similar conditions and our poisonous compo-
nents should be the sulphates and the chlorides. Thus our 
assumption of equal poisoning effects of Na and K led to 
somewhat too high deactivation rates as shown in Fig. 14 
but much better than Kamata’s results based on potassium 
only.

Alkali rich dusty flue gases, formed for instance in bio-
mass and waste combustion, can give rapid deactivation 
of the SCR catalysts. It would be very interesting if the S 
level in the fuel could prolong the catalyst lifetime. In such 
case, one could try to increase the content in low contain-
ing fuels, like pure wood, by mixing with fuels containing 
higher levels of sulphur, like bark. This could of cause lead 
to other problems in the plant like increased corrosion or 
increased amount of melting ash.

5  Conclusions

The deactivation of the SCR catalyst is not connected to the 
loss of BET-surface area; it is a chemical phenomenon. It is 
clear that Na and K poison the catalyst.

The suggested model describes the activation–deactiva-
tion process very well.

It consists of a deactivation of original sites by alkali 
metals but also a formation of new acidic adsorption sites 
by interaction with  SOx species in the flue gas. The model 
seems relevant to evaluate industrially deactivated cata-
lysts. It requires, though, occasional sampling of the cata-
lyst and activity measurement offline.

6  Appendix

Statistical evaluation [26] in Sect. 3.3.2 (Fig. 8).
Two sets of exposed catalysts, between 0 and 2311 h, 

were degassed at 200 and 400 °C respectively for 24  h. 
The measured BET surface for each sample in the set was 
plotted versus the time on stream for the sample. Each 

data set was then fitted with a straight line by the least 
square method. The fitted slopes, the 95% confidence 
intervals and the correlation coefficients (R) are given in 
Table 3.

To validate the correlation a t test was performed.
The null hypothesis,  H0, is that no correlation exists.
Test quantity  tcal = R((n−2)/(1−R2))0.5.
In the measurement seven points (n = 7).
F = n−1 = 6 and confidence level 95%. From the t-table 

t (f = 6)0.95 = 2.45.
The decreases in BET surfaces are statistically signifi-

cant at the 95% confidence level. It can be seen from the 
confidence interval of the slope and from the t test of the 
regression coefficient  (tcal > t-table). This means that the 
null hypothesis is void.

A paired comparison was done to investigate if the two 
measurements are identical or can be considered as dif-
ferent, Table 4.

The mean value of the difference is |X| = 1.67 m2 and 
standard deviation  SDdiff = 1.57 m2.

Null hypothesis: no difference between the data sets
Test quantity  tcal = (|X|−0)/SDdiff × n0.5.
From the table t (f = 6)0.95 = 2.45.
tcal = 2.89.
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Fig. 14  Comparison of results from the deactivation part of the 
model to normalized experimental data from Kamata and normalized 
data calculated from measured Na + K content of the catalysts

Table 3  Result of the linear least square fitting

Temp (oC) Slope 
 (m2/h)

95% CI 
 (m2/h)

R tcal = R((n−2)/
(1−R2))0.5

t table

200 −1.89e−3 ±0.36e−3 0.92 5.31 2.45
400 −1.63e−3 ±0.53e−3 0.80 2.98 2.45
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Since the calculated value 2.89 > 2.45 from table, the 
null hypothesis is void. The measurements differ. How-
ever, since the slopes are the same, the difference lies in 
the initial surface area, they differ significantly.

Section 3.3.3 Effect on catalyst activity, Fig. 7 One can 
test two data sets if they are identical or different by a 
paired comparison. However, the number of samples in 
each set must be equal. In this case it is the experimen-
tally determined activation energies of the SCR reaction 
that are compared in the inlet and outlet sections of the 
monolith (Table 5).

The mean value of the differences  Xdiff is −294.38  J/
(mol K) and the SD of the differences is 2143.6  J/
(mol K).

Null hypothesis  H0: no difference between the data sets.
Test quantity  tcal = (Xdiff−0)/SD × n0.5.
tcal = 0.38.
f = 7 and confidence level 95%.
From table t (f = 7)0.95 = 2.37.
Since  tcal < ttable, the null hypothesis is valid. There is 

no difference between the two data sets.
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